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Abstract

Invented in 1960s, membrane distillation is an emerging technology for water treatment
attracting more attention since 1980s. There are four configurations of membrane
distillation including air gap membrane distillation (AGMD), direct contact membrane
distillation (DCMD), sweep gas membrane distillation (SGMD), and vacuum membrane
distillation (VMD). DCMD and vacuum enhanced DCMD (VEDCMD), a variant of
DCMD, were employed in this research. The objective of this study is to develop design
tools for scale up of DCMD by analysing the characteristics of membrane suitable for
DCMD, influences of membrane structure (hollow fibre membrane) and pressure
(compressible PTFE membrane) on membrane performance, and modelling the energy

efficiency of DCMD with varied process parameters.

There were four major stages in this project: a) selection of a suitable flat sheet
membrane for membrane distillation based on criteria such as materials used for the
active layer, active layer properties and support layer properties; b) study of a hollow
fibre membrane in a tubular module, and analysis of the effect of the membrane’s
asymmetric structure on its performance; c) investigation of the relationship between
applied pressure and membrane performance for compressible and incompressible
membranes; and d) development of a simple relationship between membrane size,
temperature and the MD flux based on experimentally determined global mass transfer
coefficients, and theoretically modelling of the influence of process variables (flowrate,
temperature, etc.), membrane properties (porosity, membrane thickness, etc.) and
membrane geometric size on the membrane flux, energy efficiency and temperature
polarisation of DCMD.

In the first stage, different types of membranes were tested with an Osmonics, flat sheet
module. The membranes were classified by material of active layer, nominal pore size,
and structure of the support layer. Each type of membrane was characterised by their
contact angle, thickness and cross-sectional structure, porosity, and Liquid Entry

Pressure (LEP). In the study, the global mass transfer coefficient was used to assess



membrane performance. A hydrophobic, micro-filtration, polyvinylidene fluoride
(PVDF) membrane with nonwoven fabric support layer was considered, and compared
to PTFE membranes with different support layers (nonwoven fabric and scrim) and
different pore sizes (0.1-2 um). The randomly structured nonwoven fabric support layer
had torturous and tiny channels inside, which was apt to trap stagnant water inside so as
to increase temperature polarisation. The scrim support layer had a regular structure
with large, shallow, straight oval openings that reduced the chance of stagnant water
being trapped inside the openings. For PTFE membranes with pore sizes of 1.5 and 2
pum, the membrane could not stop liquid water passing through the membrane even
under a pressure less than 10 kPa; for PTFE membranes with pore size less than 1 um,
better salt rejection, higher flux, and higher energy efficiency were found in the MD
application process, as compared to the PVDF membrane. Additionally it was shown
that PTFE membranes with larger pore size and structured support layer (scrim) had a
better performance in MD for desalination than that of a membrane with small pore size
or supported with nonwoven fabric. However, the PTFE membranes were formed by
the stretching the PTFE membranes, so that larger pore size membranes also had a
reduced thickness (if made from the same raw material), causing loss of mechanic
strength. Based on experimental experience, the membranes with a thickness >40 pum
and pore size of 0.45-0.5 um provided good flux and lasted longer in experiments.
During this preliminary research, tests lasted for 2-6 days using reverse osmosis (RO)
brines from wastewater treatment and groundwater treatment. The findings
demonstrated that fouling and wetting were not a great issue in the membrane
distillation when using PTFE membranes, especially for the test conducted at lower feed
inlet temperature (40°C) in which the membrane performance was almost fully

recovered by simply rinsing the scale off the membrane surface with de-ionised water.

In the second stage, a hollow fibre, tubular module specifically designed for membrane
distillation was studied. The tubular module contains 95 hollow fibre membranes, which
is made from a fluorinated polymer with a nominal pore size of 0.3 pm. To reduce the
wetting risk caused by great pressure drop at high velocity, the designed hollow fibre
membrane had an internal diameter of 1 mm. The hollow fibre membrane was
characterised by SEM, BET pore size distribution, contact angle, and porosity. The
membrane was found to be composed of a thin smooth skin layer located at the outer

surface of the membrane and a thick porous principle layer. The influence of streams at



different velocities and temperatures on the global mass transfer coefficient and flux
were studied. The membrane showed high flux (18 Lm™h™, hot inlet temperature 80°C,
cold inlet temperature 20°C) and good salt rejection (>99%) under tested conditions.
The asymmetric structure caused a large flux difference as the hot feed passing through
the lumen compared to the shell side. This phenomenon was analysed by considering
the heat and mass balance across each layer, from which it was found that the skin layer
combining with the exponential relation between the interface temperature and vapour
pressure lead to the difference. VEDCMD was also tested with this module. In the
experiments, the cold stream was drawn through the module on the shell side, and the
degree of vacuum was increased by increasing the stream velocity. It was found that the
global mass transfer coefficient increased as negative pressure was applied on the cold
side under the same hydrodynamic and thermal conditions. For a comparison test with
positive pressure for the cold flow, a maximum global mass transfer coefficient was
also found when only the cold stream velocity increased, due to the skin layer effect. In
this case, the flux was reduced dramatically by swapping the feed stream from inside
the fibre to outside the fibre, due to the change of heat conduction and mass transfer
sequence. Therefore, based on this study, it is important to consider both the heat and

mass transfers in fabrication of MD membranes.

The third stage focused on the influence of pressure on flux. From the theory of mass
transfer through porous materials, it is clear that the pressure in the pore can affect mass
diffusion. For compressible membranes in MD, as the air pressure in the pore increases,
the rate of the water vapour diffusion slows. It is also expected that the membrane
conductivity will increase due to reductions in thickness and porosity. Compressible
PTFE membrane (pore size 0.5 pm) and incompressible hollow fibre membrane (pore
size 0.3 um) were used in these tests. Both the compressible and incompressible natures
of the membranes were confirmed by deformation (volume change) experiments under
different pressures. As the pressure increased from 3 to 63 kPa, there was negligible
volume variation for the incompressible hollow fibre membrane, but there was a 1/3
reduction in volume for the compressible PTFE membrane. Curves and equations fitting
the experimental data were used for the interpretation of PTFE membrane performance
in MD. The PTFE membrane was subjected to measurements in volume, porosity,
thickness, material density, and permeability (pore size), and was characterized using

SEM. The experiments were performed at three different velocities at the same inlet



temperature and three different temperatures at the same velocity. The pressure in the
experiment was increased in steps of 10 kPa over a total pressure increase of 40-50 kPa.
There was a £5% variation around the mean flux for the hollow fibre membrane as the
pressure increased, which showed that the flux for the incompressible membrane was
not related to the pressure applied on its surface. However, the flux for the PTFE
membrane showed a decline with an increase in pressure. From the mass transfer theory
and the thermal properties of the membrane, it can conclude that the flux reduction was
directly related to the increased thermal conductivity and pressure in pores of the
membrane. Based on the heat and mass balances, the mass transfer coefficient was also
calculated for different pressures, and a maximum mass transfer coefficient was found.
Therefore, the membrane mass coefficient increased initially in the lower pressure range

and decreased in the higher pressure range, as the pressure rose.

The fourth stage considered the relationship between the geometric size of the
membrane and flux, and a simple model for predicting the flux variation with length and
temperature was developed based on the findings that the global mass transfer
coefficient showed minor dependence (£<15%) on the temperatures and membrane
length when the flow rate was set. A Perspex (Poly(methyl methacrylate)) module with
symmetric flow channels was fabricated for this research. PTFE membranes with a
nominal pore size of 0.5 um and scrim support layer were used. The simple model
predicted the flux at different temperatures and membrane lengths (5-13 cm) using the
global mass transfer coefficient obtained at the same velocity. The modelling results
were compared with the experimental results, and the errors varied in the range of £<15%
at different temperatures and in the range of +<15% with different membrane lengths.
Co-current and counter-current DCMD were both tested, and the counter-current
DCMD showed higher flux than that of co-current DCMD under the same conditions.
The study showed that shorter membrane modules had higher flux than that of longer
membrane modules under the same conditions. Therefore, assessment of membrane
performance by flux for membrane distillation can only be done for standard conditions
and geometries, as the flux from the membrane distillation process is related to
membrane size and temperature. A better parameter for assessing membrane
performance is the global mass transfer coefficient, as it is independent of temperature
and membrane module size. Although this simple model was able to predict MD flux, it

was limited by the application of global mass transfer coefficient, which is confined to a
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particular flowrate (ie. turbulence conditions in the module).

To overcome the limitations from the simple model (i.e. required experimentally
determined mass transfer coefficients), a complex model was developed that required
only the physical properties of the membrane as inputs. The modelling program was
written in both Matlab and Visual Basic (implanted in an excel file) languages based on
heat and mass balances. The model was used to predict flux for variations in the size
and physical properties of membranes and process parameters. The assumptions
included 1) no heat loss through the module wall, 2) the heat of vaporisation and
condensation does not change with concentration, 3) with a given membrane, the
properties of the membrane, such as thickness, porosity, pore size, and tortuosity are
constant, 4) in balancing the heat transfer, the sensible heat carried by the water vapour
can be neglected, 5) the stream has no temperature gradient in the direction
perpendicular to the flow direction and parallel to the membrane, and 6) the mass
balance neglects the mass flow difference due to vapour evaporation and condensation
(ie. permeate flow is small compared to stream flows). The local convective heat
transfer coefficient was calculated based on the spacer structure, channel depth and flow
state, in which the Nusselt number was calculated based on the assumption of fully
developed flow in a spacer filled channel. The model was also used for predicting flux
for large module sizes (0.75x0.25 m?). The error between the predicted results and
experimental results was in range of +<15%. This compares to an experimental
reproducibility of £5%. The model was also used to examine the energy efficiency of
MD and the effect of applied pressure for compressible (PTFE) membranes. The
properties varied with pressure, e.g. thermal conductivity, porosity, thickness and pore
size, and were calculated from experimental data obtained during the fourth stage. The

difference between this model and the simple model is that::

e The simple model was developed based on the experimentally obtained global
mass transfer coefficient, which varied with the velocity and flow channel
structure. Therefore, in the acceptable engineering error range, this model is only
suitable for predicting flux at the same velocity or above the fully developed
turbulent flow regime where the global mass transfer coefficient is available in
the built database.

e This model was developed based on the measurable original membrane



permeability (e/bf). Thus, the model can be used to predict flux from different

velocities, temperatures, membrane lengths, and under different pressures

The findings in the study include: the scrim supported PTFE membrane has a better
performance (both flux and energy efficiency) than that of the membrane supported by
nonwoven fabric support layer; the flux of membrane distillation depends strongly on
the membrane size along the flow direction; MD membrane performance is better
characterised by membrane mass transfer coefficient or &/bt; for hollow fibre
membranes with asymmetric structure, the selection of feed flow channel (hot flow
through lumen or outside of the hollow fibre) has great influence on the flux; the
pressure applied on the compressible membrane will affect flux and energy efficiency of
membrane distillation; improvement of membrane properties based on current available
membrane, such as porosity, thickness, pore size, etc., can not promote the flux or
efficiency greatly, especially for membranes of large size. Additionally, the models

have provided tools to scale up and design MD modules and processes.
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Chapter 1 Introduction

Membrane distillation (MD) is one of the membrane-based separation processes. The
driving force for MD processes is quite different from other membrane processes. It is
the vapour pressure difference across the membrane, rather than a pressure or
concentration gradient or an electrical potential gradient, which drives mass transfer

through a membrane.

Membrane distillation was introduced in the late 1960s [1, 2]. However, it was not
commercialised at that time for desalination purposes. There were two major factors
hindering its development [3]: 1) membranes with adequate characteristics and
reasonable cost were not available, and 2) there were some negative opinions obtained
long ago about the economics of the process [4]. The opinion was based on typical data
from those membranes and systems which are far-from optimal, and showed that the
temperature polarization coefficient was roughly estimated by Schofield et al. [5] to be
0.32. Hence, for this system, when the temperature difference between the bulk
temperature of hot and cold channels is 10°C, the actual temperature difference across
the membrane is only 3.2°C. In the 1980s, with the availability of new membranes,
more research focused on membrane distillation and many novel MD modules were
designed based on improved understanding of the mass and heat transfer principles of
MD [6-8]. Furthermore, new applications for membrane distillation [9, 10] were

considered in environmental protection and wastewater treatment.

The membrane distillation process was defined in the “Round Table” at the “Workshop
on Membrane Distillation” in Rome on May 5, 1986. According to the Terminology for

Membrane Distillation [11], the MD process should have the following characteristics:

e the membrane should be porous,

¢ the membrane should not be wetted by process liquids,

¢ no capillary condensation should take place inside the pores of the membranes,

e only vapour should be transported through the pores of the membrane,

e the membrane must not alter the vapour equilibrium of the different components
in the process liquids,

e at least one side of the membrane should be in direct contact with the process



liquid, and
e for each component, the driving force of the membrane operation is a partial

pressure gradient in the vapour phase.

Therefore, in MD systems, the micro-porous hydrophobic membranes only allow water
in the vapour state, but not in the liquid state, to pass through, and the driving force is
the effective vapour pressure difference produced by temperature difference and/or
reduced pressure across the membrane. Since its driving force is thermal, membrane
distillation is not very sensitive to the feed concentration. In comparison with other
pressure/potential-driven membrane separation processes and technologies for
desalination, MD has some distinctive advantages, such as a theoretically complete
rejection of non-volatile components, low operating pressure, large membrane pore size,
reduced vapour space compared to conventional distillation (Multi-Stage Flash
Distillation), and low operating temperature (40-80°C) of the feed [10]. Thus,
theoretically MD is not nearly as sensitive to feed concentration as that of RO, has
relative smaller footprint than Multi-Stage Flash Distillation (MSF), and is able to

utilise low-grade heat energy.

According to the characteristics of membrane distillation, many technologies have been
developed. Because of its capability of utilising low grade heat, membrane distillation
has been coupled with solar energy systems [12] to develop zero liquid discharge
desalination systems. Membrane distillation can also be used to provide potable water in
remote areas with low infrastructure and without connection to a grid [9, 13], due to its

simple structure and low maintenance requirement.

The cost of desalination or separation processes varies from location to location as the
conditions of the processed water and the nature and the size of the plant are different.
Many leading cost components of MD are not yet known because the process has not
been applied in commercial size to have the cost benefits of mass production; neither
are factors such as permeate flux, pretreatment, fouling and membrane life known
adequately yet. In an economic evaluation to assess the feasibility of direct contact
membrane distillation (DCMD), the estimated cost for DCMD with heat recovery was
$1.17-4.04 m3 [3, 9, 14, 15], which was comparable to the cost of water produced by
conventional thermal processes: i.e. around $1.00 m> for multiple effect distillation

(MED) and $1.40 m® for MSF. As a term of comparison, Memstill® research group
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claimed to be able to obtain very competitive water cost (¢26 m>) when they operated
MD using cheap industrial waste steam [16, 17]. The cost estimated by [18] based on a
fully developed MD technology was $0.782 m™ with a purified water production rate of
3,800 m®/day and heat recovery of 30%.In recent years, some pilot plants have been
established or designed. One of the layouts to be implemented in Almeria (Spain) using
solar energy involves the concept of multi-step MD [9], which will minimise the cost of

specific energy and membrane area required.

A 2 m*/day pilot plant using MEMSTILL® was tested at Senoko Refuse Incineration
Plant from February 2006 to June 2007, from which the principle of MEMSTILL® and
sustainable operation of the M26 type MEMSTILL® module were demonstrated on a
pilot scale [16, 19]. The scaling-up of 3 m? (membrane area) bench scale to 600 m?
proved that the integrity of membrane modules and no severe leakage was observed.
The distillate quality was very high throughout the pilot plant study period. Future study
will address some issues discovered during this pilot study regarding pre-treatment, heat
recovery, etc. The MEMSTILL® Singapore pilot also pointed out certain areas for

improvement to meet commercialization requirements.

According to previous research [20], there are two major criteria hindering the
application of membrane distillation: one is the kind of membrane suitable for
membrane distillation and the other is energy efficiency improvement by controlling the
process parameters or membrane properties. Accordingly, this study has been divided

into four stages:

1. selection of a suitable membrane for membrane distillation based on the criteria,
such as materials used for the active layers, active layer properties and support
layers,

2. study of hollow fibre membranes in a tubular module, and analysis of the effect
of the membrane asymmetric structure on the membrane performance,

3. experimentally investigating the relationship between pressure applied on the
membrane surface and membrane performance, and

4. mathematical modelling including two parts:

o experimentally researching on relationship between membrane geometric size
and the MD flux, and programming a simple model to predict flux at different

temperatures and with different membrane lengths, and
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o theoretically modelling the influences of process parameters (flowrate,
temperature, etc.), membrane properties (porosity, membrane thickness, etc.)
and membrane geometric size on the membrane flux and temperature
polarisation, and researching the influences of process parameters (flowrate,
temperature, etc.), membrane properties (porosity, membrane thickness) and

membrane geometric size on energy efficiency of DCMD.

Through the four stages of study, it is concluded to optimise the membrane and the
process parameters to improve both the energy efficiency and the flux, so as to increase
the commercial applicability of DCMD.



Chapter 2 Literature review

2.1 Configurations of membrane distillation

Membrane distillation is a thermally driven process. Mass transfer in gas phase is driven

by a vapour pressure difference, arising from a temperature difference or reduced

pressure, across the membrane, and from the feed side to the permeate side.

Fig. 2.1 illustrates four configurations of the MD system, which differ based on the

nature of the cold side processing of the permeate [3, 11]:

Direct Contact Membrane Distillation (DCMD), in which the membrane is only
in direct contact with liquid phases. This is the simplest configuration capable of
producing considerable flux. It is best suited for applications such as
desalination and concentration of aqueous solutions (e.g., juice concentrates)
[21-26].

Air Gap Membrane Distillation (AGMD), in which an air gap is interposed
between the membrane and a condensation surface. The configuration has the
highest energy efficiency, but the flux obtained is in general low. The air gap
configuration can be widely employed for most membrane distillation
applications [27].

Vacuum Membrane Distillation (VMD), in which the permeate side is vapour or
air under reduced pressure, and if needed, permeate is condensed in a separate
device. This configuration is useful when volatiles are being removed from an
aqueous solution. [28, 29].

Sweep Gas Membrane Distillation (SGMD), in which stripping gas is used as a
carrier for the produced vapour. It is used when volatiles are removed from an

aqueous solution [30-34].
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Fig. 2.1 Membrane distillation configurations

Due to its simple structure and high flux relative to AGMD and SGMD, laboratory-
scale DCMD has been widely studied [35]. The main disadvantage for DCMD in
commercial applications is its low energy efficiency. Although the polymeric membrane
generally has low thermal conductivity, the driving force (temperature difference
between the feed and permeate sides) for mass transfer will also lead to a great
conductive heat transfer through the membrane due to the small membrane thickness, so
only part of the supplied heat energy is used for production. Of the four configurations,
DCMD has the highest heat conduction loss, which results in relatively low thermal

efficiency (defined as the fraction of heat energy used for evaporation) [36, 37].

In AGMD, the air gap is usually the controlling factor for the mass and heat transfers
[38] because of its greater thermal and mass transfer resistances. In comparison with the
thickness (40-250 um) and conductivity of the membrane, the air gap is much thicker
(general 2,000-10,000 um) [39, 40] and has lower thermal conductivity. Therefore,
more heat energy in AGMD will be used for water evaporation than that of DCMD.
Additionally, if a low temperature feed is used as the cooling stream in this
configuration, the latent heat can be recovered through the condensation of the vapour
on the cooling plate. However, the AGMD has a typical low flux with the same
temperature difference between the feed and permeate streams as that of DCMD, due to

the high mass transfer resistance across the air gap [3, 27, 40].

In SGMD, the vapour is stripped from the hot feed by a gas stream, and then condensed

in an external condenser. It has higher mass transfer rates than AGMD, due to the
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greater driving force originating from the reduced vapour pressure on the permeate side
of the membrane, and has less heat loss through the membrane. However, an external
condenser and an air blower or compressed air are needed to maintain the running of

this configuration, which will cause an increase in investment [32] and running costs.

In VMD, the vapour permeate is removed continuously from the vacuum chamber to
form a vapour pressure difference across the membrane. Theoretically, this
configuration can provide the greatest driving force at the same feed temperature,
because the vapour pressure at the cold side can be reduced to almost zero. An external

condenser is required as for AGMD, if the liquid permeate is the product.

Of the four configurations, DCMD is the most popular for MD laboratory research, with
more than half of the published references for membrane distillation based on DCMD 3,
22, 35, 41]. However, AGMD is more popular in commercial applications, because of

its high energy efficiency and capability for latent heat recovery [16, 19].

2.2 Characteristics of membrane

In membrane distillation, membranes on the basis of their selective properties are not
involved in the mass transport phenomena, but are involved in heat transport from the
hot side to the cold side. Therefore, compounds transferred across the membrane in gas
phase are driven by vapour pressure differences based on vapour-liquid equilibrium, and
the microporous polymeric or inorganic membrane employed between the permeate and
feed sides acts as a physical barrier providing the interfaces where heat and mass are
simultaneously exchanged. Thus, the properties of membranes suitable for membrane
distillation should include [11, 42-46]:

e an adequate thickness, based on a compromise between increased membrane
permeability (tend to increase flux) and decreased thermal resistance (tend to
reduce heat efficiency or interface temperature difference) as the membrane
becomes thinner,

e reasonably large pore size and narrow distribution of pore size, limited by the
minimum Liquid Entry Pressure (LEP) required of the membrane. In membrane
distillations, the hydrostatic pressure must be lower than LEP to avoid

membrane wetting. This can be quantified by the Laplace (Cantor) equation [3]



LEP = 222 056 < Pyyocess — Prore (2.1)

Tmax

where B is a geometric factor, y, is the surface tension of the solution, 6 is the
contact angle between the solution and the membrane surface which depends on
the hydrophobicity of the membrane, rma is the largest pore size, Pprocess IS the
liquid pressure on either side of the membrane, and Pyore is the air pressure in the

membrane pore.

e low surface energy, equivalent to high hydrophobicity. Based on Eq. (2.1),
material with higher hydrophobicity can be made into membranes with larger
pore sizes, or membranes made from more hydrophobic material will be
applicable under higher pressures for a given pore size,

e low thermal conductivity. High thermal conductivities increases sensible heat
transfer and reduce vapour flux due to lowered interface temperature difference,
and

e high porosity. High porosity increases both the thermal resistance and the
permeability of MD membranes, so both the heat efficiency and flux are
increased. However, high porosity membranes have low mechanical strength
and tend to crack or compress under pressure, which results in the loss of

membrane performance.

The most common materials used for MD membranes are polytetrafluoroethylene
(PTFE), polypropylene (PP) and polyvinylidenefluoride (PVDF) [47]. The porosity of
the membranes used is in the range of 0.06 to 0.95, the pore size is in the range of 0.2 to
1.0 um, and the thickness is in the range of 0.04 to 0.25 mm [3, 48]. The surface

energies and thermal conductivities of these materials are listed in Table 2.1.

Of these materials, PTFE has the best hydrophobicity (largest contact angle with water),
good chemical and thermal stability and oxidation resistance, but it has the highest
conductivity which will cause greater heat loss through PTFE membranes; PVDF has
good hydrophobicity, thermal resistance and mechanical strength and can be easily
prepared into membranes with versatile pore structures by different methods; PP also
exhibits good thermal and chemical resistance [41]. Recently, new membrane materials,
such as carbon nanotubes [49] and fluorinated copolymer materials [50], have been

developed to make MD membranes with good mechanical strength and high
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hydrophobicity and porosity.

Table 2.1 Reported surface energy and thermal conductivity of materials used in MD
[41, 51]

) Surface Energy Thermal Conductivity
Membrane Material . o
(x10™ N/m) (W.m~K™)
PTFE 9.1 ~0.25
PP 30.0 ~0.17
PVDF 30.3 ~0.19

Sintering, stretching, and phase inversion are some of the methods to fabricate MD

membranes from these materials [51-53].

The sintering method can be used to prepare PTFE membranes [54, 55]. In the sintering
process, polymeric powder is pressed into a film or plate and sintered just below the
melting point. The porosity of the membranes made in this manner is in the range of
10-40% and typical pore sizes are in the range of 0.2 to 20 pum.

Stretching technology can be used to make PP and PTFE membranes. In this process,
films are formed by extrusion from a polymeric powder at temperatures close to the
melting point coupled with a rapid draw-down. The membranes made have pore sizes in
the range of 0.2-20 um and porosity of about 90% [41, 48, 56].

Phase inversion can be used to produce PVDF membranes. In this process, the polymer
is dissolved in an appropriate solvent [57] and spread as a 20-200 pum thick film on
proper supports, such as nonwoven polyester, PP backing material or PP scrim backing
[48, 58], and an appropriate precipitant (typically water) is added to split the
homogeneous solution film into two phases (a solid polymer rich phase and a liquid rich
phase). The prepared membrane has a pore size in the range of 0.2 to 20 um, and
porosity of approximately 80% [59].

Compared to other membrane separation processes such as pervaporation, reverse
osmosis, and gas separation, only a few authors have considered the possibility of
designing and manufacturing new membranes for MD processes [43, 60]. Identification
of suitable membranes is an important research step for commercial application of

membrane distillation.



2.3 Configurations of MD membranes
There are two common types of membrane configurations shown in Fig. 2.2:

e hollow fibre membrane mainly prepared from PP, PVDF, and PVDF-PTFE

composite material [59, 61], and
o flat sheet membrane mainly prepared from PP, PTFE, and PVDF.

Compared with flat sheet membranes, hollow fibre membranes have relatively large
specific surface areas [62], but the main impediment of the hollow fibre module was its
typically low flux (generally 1-4 L.m?h™ at 40-60°C) [63-65]. However, high-flux
hollow fibre membranes with different features suitable for membrane distillation have
been developed recently, such as dual-layer hydrophilic-hydrophobic fibres with a very
thin effective hydrophobic PVDF layer (50 um), and hollow fibre membranes with a
sponge-like structure and thin walls [59, 63, 66, 67], which have flux of about 50-70
kgm™h™ at about 80-90°C. This flux is as high as that from flat sheet membrane.

' Membrane wall

a. Hollow fibre membrane
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Active layer

Support layer

b. Flat sheet membrane

Fig. 2.2 Schematics of hollow fibre and flat sheet membranes

The reported flux from flat sheet membranes is typically 20-30 Lm™?h™ [3] at inlet
temperatures of hot 60°C and cold 20°C. In general, the polymeric membrane shown in
Fig. 2.2b is composed of a thin active layer and a porous support layer. This structure is
able to provide enough mechanic strength for the membrane, so it enables the active
layer to be manufactured as thin as possible, which reduces the mass transfer resistance.

As the flux from membrane distillation is related to the membrane size (in the flow
direction), it is more appropriate to compare membrane performance with the mass
transfer coefficient rather than the flux from different research works. However, it is
difficult to calculate the mass transfer coefficients from the different works, because of
the insufficient provision of data. Therefore, the flux provided here is only used as an

approximate indication of performance.

2.4 Configurations of MD modules

There are three major MD module configurations [35], which are the spiral wound (flat
sheet), hollow fibre and the plate & frame modules. All of these modules have been

used in pilot plant trials [19, 68, 69].

Fig. 2.3a shows a schematic diagram of a hollow fibre tubular module, in which hollow

fibre membranes were glued together and encased in the housing. This configuration
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can have a very high packing density (3,000 m?m?®) [41, 70]. The feed is introduced
into the shell side or into lumen side of the hollow fibres, and cooling fluid, sweeping
gas, or negative pressure can be applied on the other side to form VMD, SGMD, or
DCMD. Because of its large active area combined with a small footprint, hollow fibre
tubular module has great potential in commercial applications [41]. Although broken
hollow fibres can not be replaced, it can be detected by the liquid decay test (LDT) [71,
72] and pinned afterward.

)

Hollow Fibre
Membrane

a. Tubular module for hollow fibre

/

C

Membrane

X -

b. Plate & frame module for flat sheet membrane

Fig. 2.3 MD Modules
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Fig. 2.3b shows the structure of the plate & frame module. This module is suitable for
flat sheet membranes and can be used for DCMD, AGMD, VMD, and SGMD. In this
configuration, the packing density is about 100-400 m?m?® [41, 69]. Although this
configuration has a relatively smaller effective area for the same volume when
compared to the tubular modules, it is easy to construct and multiple layers of flat sheet
MD membranes can be used to increase the effective area. As shown in Fig. 2.3b, it is
easy to change damaged membranes from this configuration. Thus, this module is
widely employed in laboratory experiments for testing the influence of membrane
properties and process parameters on the flux or energy efficiency of membrane
distillation [41].

2.5 DCMD process diagram

Fig. 2.4 is a schematic of DCMD process capable of utilising low grade or waste heat.
There are two streams circulating. On the hot side, the feed stream is pumped through a
heat exchanger which is able to utilise waste heat or low grade heat to heat the feed to a
set temperature. The feed flows into the module where heat and mass exchanges were
carried out through the membrane, and then flows back to the feed reservoir. The cold
stream is circulated in a similar manner to the feed side. The cold steam is warmed by
the heat and mass exchange in the module and is cooled by an air cooled heat exchanger.
The primary facilities needed are a heat source and a cooling source for temperature
control, and two pumps for flow control. Therefore, the process and maintenance for

MD are very simple [11, 60].
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Fig. 2.4 DCMD process schematic
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2.6 Heat transfer and mass transfer in DCMD

DCMD processes use a temperature difference as the driving force for mass transfer
through the membrane. Thus, heat and mass transfers in MD are coupled together, and
are in the same direction from the hot side to the cold side [73]. Fig. 2.5 illustrates these
processes in DCMD. The feed temperature, Ty drops across the feed side boundary layer
to T, at the membrane surface. Some water evaporates and is transported through the
membrane. Simultaneously, heat is conducted through the membrane to the cold
(permeate) side. The cold flow temperature T, increases across the permeate boundary
layer to T, at the membrane surface on the cold side as water vapour condenses into the
fresh water stream and gains heat from the feed side. The driving force is therefore, the
vapour pressure difference between T, and T, which is less than the vapour pressure
difference between T and T,. This phenomenon is called temperature polarisation. The
temperature polarization coefficient is defined by [5]

_ 1T
T T-Ty

(2.2)

2.6.1 Heat transfer

Heat transfer through the feed side to the permeate side includes two steps [35]: first,
heat transfers from the hot side to the cold side across the membrane in the forms of
sensible heat and latent heat, so as to form the temperature difference between boundary
layer and bulk flow; second, the heat transfers from the bulk flow of the feed to the
boundary layer via heat convection, due to the temperature difference arising from the
first step. In the first step, as shown in Fig. 2.5, the sensible heat is conducted through
the membrane to the cold side, and the latent heat is carried by the water vapour which
is evaporated from the interface between the hot stream and membrane pores and
condensed at the interface between the pores and cold stream [23]. The feed temperature
(T) drops across the boundary layer on the feed side to T;. The permeate temperature T,
increases across the permeate boundary layer to T,. The vapour pressure difference
across the membrane depends on the temperature T; and T,, and the driving force is
therefore Pr1-Pt, where P and P are the vapour pressures at T, and T, respectively.

The feed concentration C; increases across the feed boundary layer to C, [73, 74].
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Fig. 2.5 Heat transfer and mass transfer through membrane

According to the two heat transfer processes, the heat balance of the feed stream can be

described by [73, 75, 76].

Q1 = 3 A(Ty—T3) + JHigrent (23)
A = Agir€ + Asoria(1 — €) (2.4)
Q; = a(Tf - Ty) (2.5)

because Q; = Q,,

A
Q= af(Tf - Tl) = Z(Tl_TZ) + JHigtent = ap(TZ - Tp) = JHiatent + U(Ty — Tp) (2.6)

where Q; or Q, are the total heat transferred from the hot side to the cold side, 4 is the
thermal conductivity of the membrane, b is the membrane thickness, ¢ is the membrane
porosity, A is the membrane area, o is the convective heat transfer coefficient on the hot
side, J is the permeate flux, and Hiaent is the latent heat of vaporization. In Eq. (2.6),
(A/b)A(T1-T, ) is the sensible heat loss through the membrane and JHaeen: is the heat of
evaporation. In the operation of membrane distillation, it is desirable to minimise the

sensible heat loss or maximise the heat for evaporation. To minimize the sensible heat
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loss, the heat transfer coefficient (4/b) of the membrane needs to be reduced by lowering
A or increasing the membrane thickness. Since increasing the thickness of the
membrane will also increase the mass transfer resistance, reducing the membrane
thermal conductivity by making the membrane more porous (shown in Eq. (2.4)) is an
effective method, since the thermal conductivity of the air is in general one order of
magnitude less than that of the membrane material. Also, the more porous the
membrane is, the lower the resistance of the membrane to the transport of the vapour
across the membrane. In practice, the membrane thickness is limited by its mechanical
strength. To maximise flux, it is necessary to increase the temperature difference
between the hot and cold sides or to increase the temperature polarisation coefficient
[77, 78]. Therefore, it is necessary to improve the convective heat transfer coefficient
for purpose of producing more flux based on Egs. (2.3), (2.5) and (2.6). The convective

heat transfer coefficient can be expressed as [79],

lf daT
ar = — — 2.7
! Tr-Th (dy)boundary 27)
where /A is thermal conductivity of the feed, and (d—T) is the temperature
boundary

gradient in the thermal boundary layer of the feed. From Eqg. (2.7), it can be found that
the convective heat transfer coefficient can be improved effectively by reducing the

thickness of the thermal boundary layer.
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The presence of turbulence promoters, e.g. net-like spacers or zigzag spacers shown in
Fig. 2.6 can effectively reduce the thickness of the thermal boundary layer and improve
as [80-82], and it is also important that high heat transfer rates are achieved with a low
pressure drop in the channels where the feed solution and cooling liquid are flowing [36,
77, 78, 80, 83]. From reported data [77], the temperature polarisation coefficient of
spacer filled channels falls in the range of 0.9-0.97, in comparison with a temperature
polarisation coefficient 0.57-0.76 in the flowing channel without spacer. Reynolds
number for the spacer filled flat channel is expressed by [77, 80, 84]

Re = "';ﬂ (2.8)

where v is the velocity in the spacer filled channel, p is the density of the liquid steam,
dy, is the hydraulic dimeter of the spacer filled channel, and 4 is the liquid viscosity. The

velocity v can be calculated by [80]

v=——ip__ (2.9)

Across€spacer

where Qg is the volumetric flow rate of feed/permeate, espacer IS the porosity of the
spacer, and Across IS the cross sectional area of empty channel. The hydraulic diameter dj,

can be calculated by [81]

dh — 4 Espacer (210)

2
—|+(1-¢ S
(hsp> ( spacer) spacer

where hg, is the spacer thickness, and Sspacer IS the specific surface of the spacer

expressed by

4
Sspacer = d_f (2.11)
where d; is diameter of spacer filaments. The spacer porosity can be measured

experimentally or calculated by

2
- mds

Espacer =

(2.12)

2lmhgpsing

where |, is mesh size.

Therefore, to increase the energy efficiency, it is important to use a membrane with high

porosity, and provide enough turbulence to the feed stream.
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2.6.2 Mass transfer

Mass transfer in the MD process includes three steps: firstly the hot feed vaporizes from
the liquid/gas interface, secondly the vapour is driven by the vapour pressure difference
and defuses from the hot interface to the cold interface through the pores, and thirdly the
vapour condenses into the cold side stream [48]. Therefore, there are two major factors
controlling the mass transfer: one is the vapour pressure difference, and the other is the

permeability of the membrane.
The influence of the membrane physical properties on membrane distillation includes:

1) the effective area for mass transfer is less than the total membrane area because the

membrane is not 100% porous,

2) for most practical membranes, the membrane pores do not go straight through the
membrane and the path for vapour transport is greater than the thickness of the

membrane, and

3) the inside walls of the pores increase the resistance to diffusion by decreasing the

momentum of the vapour molecules.

If the fluid dynamics conditions on both sides of the membrane could be considered
good, mass transfer through the membrane may be the limiting step for mass transfer in
MD [85].

The mass transport mechanism in the membrane pores is governed by three basic
mechanisms known as Knudsen-diffusion (K), Poiseuille-flow (P) and Molecular-
diffusion (M) or a combination between these known as the transition mechanism [35,
86]. The Knudsen number (Kn) is used to indicate the dominant mass transfer

mechanism in the pores.

Kn=1/d (2.13)

where d is the mean pore size of the membrane and | is the mean free path of the
molecules defined by [87, 88]

kgT 1

- T((Ow+04)/2)?Ppore  1+(my, /my)

(2.14)
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where kg is the Boltzman constant (1.381x10 2% JK %), & and o, the collision diameters
for water vapour (2.641x10°° m) and air (3.711x10°° m) [89], T is the mean
temperature in the pores, and m,, and m, are the molecular weights of water and air. At a
typical membrane temperature of 60°C, the mean free path of the water vapour in the
membrane pores is 0.11 um. Table 2.2 shows the dominating mass transfer mechanism
based on the Kn in a gas mixture system without a total pressure difference [85].
Because the pore sizes of the membranes used for membrane distillation are in the range
0f 0.2 to 1.0 um, Kn will be in the range of 0.5 to 0.1. Thus, the dominant mass transfer
mechanism is Knudsen-molecular diffusion transition mechanism in DCMD. Although
the pore size distribution of the polymeric membrane will affect the mass transfer
mechanism, the majority of the membrane area will be governed by the transition region
as verified by Phattaranawik et al. [90], and as there is no total pressure difference
existing in the pore, the Poiseuille flow can be ignored [35].

Table 2.2 Mass transfer mechanism in membrane pore

Kn<0.01 0.01<Kn<1 Kn>1
Knudsen-molecular
Molecular diffusion diffusion transition Knudsen mechanism
mechanism

The molecular mass transport mechanisms through a membrane pores are shown as an
electrical circuit analogue [3, 90] in Fig. 2.7a. There are also two other popular mass
transfer models for membrane distillation, which are Schofield’s model [75, 91] shown
in Fig. 2.7b and the dusty-gas model shown in Fig. 2.7c for DCMD [92, 93].

Resistance of Resistance of
O — Knudsen f——— Molecular f———
Vapour Diffusion Diffusion

molecule

a. Electrical circuit analogue for mass transfer mechanism in membrane pore
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b. Electrical circuit analogue for Schofield’s model

Resistance of Resistance of
Knudsen Diffusion Molecular Diffusion

O —
Vapour
molecule

Resistance of
Viscous Diffusion

c. Electrical circuit analogue for the dusty-gas model

Fig. 2.7 Electrical circuit analogues for different transport mechanisms

According to the theory of the mass transfer shown in Fig. 2.7a, the mass transfer

through the membrane pore can be expressed as [35, 90]

1_1 .1
] Im o Ik
with
4 M
Jk = gdi ﬁ(PM — Pry), and
M D
Jm = o peae (Pri = Pr2) (2.15)

where Jn, and Ji are the vapour flux through the membrane arising from molecular and
Knudsen diffusion, b is membrane thickness, t is the pore tortuosity, R (=8314
Pa.m®.mol™.K™) is the universal gas constant, M is the molecular mass of the vapour,

and Py; and Pt are the vapour pressures at temperature T, and T,, which can be
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calculated by the Antoine equation [94]. According to [35, 82, 95], the diffusivity of
water vapour (A) relative to air (B) Dag (M?/s) in the temperature range of 273-373 K

can be estimated from,

—572.072
DAB — 1.895%x107°T (2.16)

P

The Schofield’s model shown in Fig. 2.7b is developed from Kkinetic theory and
assuming that the sum of Knudsen permeability and viscous permeability equals the
total permeability, in which the transition region between the Knudsen and viscous

flows is described,

N = —Mo(A + B200orey CiPr) i yyhich
B
2
A=-% andB == (2.17)
3tRT 128RT

where ¥ the gas’ mean molecular speed, and o the collision cross-section.

In the “Dusty-Gas” model [92, 96], the porous membrane is assumed as an array of dust
particles held stationary in space, and the dust particles in terms of the classical kinetic
theory of gases are supposed to be giant molecules in the interactions between gas and
surface. Based on this model, a general flux equation for a gas that permeates through a

porous media in the Knudsen—viscous transition region can be described as:

_ M —  BoPporey (PT1—Pr2)7 .
J= RT[K0v+ " ) ], in which

Ko =%, and By = 22 (2.18)

32t

These equations of different mass transfer models can all be simplified as [48]

] = Chembrane (Pr1 — Pr2), in which

d%es

Cmembrane X E (2-19)

where a is an exponent coefficient in range of 1-2. Cremprane IS @n important parameter to
assess the performance of a membrane as its value depends on the mass transfer
characteristics of the membrane. However, it is difficult to accurately measure the

temperature at the interface between the vapour phase and liquid phase experimentally.
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Therefore, in our study, the performances of different membranes were compared under
the same hydrodynamic and thermal conditions and subsequently under the same
boundary layer conditions. A global mass transfer coefficient Cyopal, calculated from the
bulk temperatures and which includes mass transfer phenomena in the boundary layer,

was used to assess MD membranes.

From Eq. (2.19), the flux for MD can be increased by increasing pore sizes and porosity,
and reducing the thickness of the membrane. However, from Eq. (2.4), reducing the
thickness of the membrane also increases the sensible heat loss from the hot side to the
cold side, which leads to a reduction of water flux due to decreased interfacial
temperature differences (vapour pressure difference). Therefore, there is an optimum

membrane thickness for membrane distillation efficiency.

In reviewed literature, there were many references to mass transfer relating to

transmembrane phenomena. However, modelling focused on scale-up was not identified.

In analysis, it was found that the mass transfer coefficient will not be affected greatly by
the temperature and flow rate, and the temperature changes (40-80°C) in MD will have
little effect on the boundary layer. Therefore, a simple model can be developed to
predict the flux from different feed temperatures and membrane sizes at given flow rates,
based on an approximately constant global mass transfer coefficient [48] which is
calculated from the bulk hot and cold temperatures at this flow rate and includes both
the mass transfer phenomena across the membrane and boundary layer.

Furthermore, from the analysis of the channel and spacer conditions, a more general
model can be developed based on the air permeability and thermal conductivity of the

membrane, which can be used at different flow rates, temperatures and membrane sizes.

2.7 Application of membrane distillation

Although MD is currently used mostly at the laboratory scale, membrane distillation has
potentially distinctive advantages in some particular areas [3, 41]. There are several
pilot plants currently undergoing field trials: for treating wastewater from a power plant
(in Singapore) [19], and wastewater in a chemical plant (The Netherlands) by

Memstill®, and other wastewaters are currently being investigated at laboratory stage,
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i.e., the RO concentrate treatment, ground water treatment and solar heat utilisation [97-
99].

Producing high-purity water from salty water is one of the main MD applications. Since
1982, Gore [100] proposed MD membrane modules for desalting NaCl aqueous
solutions. Papers related to MD research in desalination processes increased
dramatically in the following years [4, 31, 69, 101]. Different types of hydrophobic
membranes and configurations [102, 103] were studied for desalination purposes.
Coupling membrane distillation with solar energy was studied and has demonstrated the
feasibility of solar powered MD in which 60-80% of the energy was recovered [104-
106]. Membrane distillation may also be integrated with reverse osmosis processes to
increase the water recovery in the desalination plants [104, 107] by treating the brine.
Lawson and Llyod (1996) [84] stated that membrane distillation can be a viable process
for desalination, while Schneider et al (1988) [85] have argued that small, portable

desalination units utilising waste heat are more feasible for the applications of MD.

Membrane distillation also can be used for water treatment, such as removing heavy
metal from wastewater [108], recovering HCI from cleaning solution in electroplating
[109], concentrating sulphuric acid to recover lanthane compounds in apatite
phosphogypsum extraction process [110], eliminating radioisotopes and reducing the
waste volume from nuclear industry [111] and removing volatile organic components
from dilute aqueous solutions [28, 29, 112, 113].

Due to the low feed temperature, MD can also be used for concentrating solutions in the
food industry. It has been widely tested for the concentration of many juices including

orange juice [25], apple juice [114] and sugarcane juice [115].

MD was also employed for selective extraction of volatile solutes and solvents for
applications in the health and fermentation industries. Blood and plasma were treated by
MD in order to promote a solute-free extraction of water from biomedical solutions
without loss in quality [116, 117]. Membrane distillation has also been suggested as an
innovative tool to ameliorate treatment of uraemia by allowing purification of the blood
ultrafiltrate and the re-injection of the purified water to the patients [118]. MD was also
combined with a bioreactor to promote the reaction rate of ethanol fermentation by

selectively removing ethanol [119].
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2.8 Objective

The objective of this study is to research the optimisation and applicability of MD in
theoretical and experimental aspects by analysing the characteristics of membrane
suitable for DCMD, influences of membrane structure (hollow fibre membrane) and
pressure (compressible PTFE membrane) on membrane performance, and modelling the
energy efficiency of DCMD with varied process parameters. The specific objectives to

address this overall objective were:

1. Characterising the structure and material analysis of membranes suitable for
membrane distillation, which is an important stage for commercial application of
membrane distillation

2. Investigate how mass transfer is affected by the membrane structure of hollow
fibre membranes, due to its significance in membrane structure design

3. Determining the influence of system pressure on flux of compressible
membranes, which is rarely considered in the design of large modules, and

4. developing a simple model for scale-up of membrane distillation, and a general
model to predict flux and energy efficiency under difference conditions, as this

is important for process design and parameter optimisation.
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Chapter 3 Identification of membrane characteristics

for high performance in membrane desalination

3.1 Introduction

As stated previously, the membranes used in MD must be porous and hydrophobic. It
can be a composite porous hydrophobic/hydrophilic bi-layer membrane, a hydrophobic
single-layer membrane, or a composite hydrophilic hydrophobic/hydrophilic or
hydrophobic/hydrophilic/hydrophobic porous tri-layer membrane [46, 120-122]. Both
supported and unsupported membranes can be used in this process [60]. However, the
membrane support layer selected should be strong enough to prevent deflection or
rupture of the membrane, and not lead to a great increase of mass transfer resistance.
Flat sheet commercial membranes made from different materials (PP, PVDF PTFE)
primarily for microfitration have also been used in MD experiments [35, 41, 60, 97].
Despite these works, there is still insufficient studies in the area of membrane design
[60]. Hence, it is import to understand the influence of membrane material and physical
structures, e.g., pore size, porosity, thickness and support layer, on mass transfer and
heat efficiency.

From the above mass transfer and heat transfer equations in Chapter 2, membranes that
are most suitable for membrane distillation processes should have the following

properties [10]:

1. Small thickness and low tortuosity

2. Low thermal conductivity of membrane material, so that heat loss due to
sensible heat transfer can be minimized

3. High porosity to lower conductive heat flux and increase the water vapour
transport coefficient through the membrane

4. Reasonably large pore size, limited by membrane wetting that will occur when
the interfacial pressure difference AP is greater than the minimum membrane
Liquid Entry Pressure (LEP) [10]

AP = Pprocess - Ppore (3.1)
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—2By;

LEP = ——cos6 (3.2

Tmax

where B is the geometric factor of pore, y is the surface tension of the liquid,

max IS Maximum pore radius, and @ is the contact angle of the membrane.

5. Low surface energy or high hydrophobicity, so that the membrane is applicable

under higher pressure or with larger pore size.

Early membranes had very poor performance when membrane distillation was invented
in the late 1960s. Partly for this reason, membrane distillation was not commercially
employed at that time [4]. In the 1980s, membranes with improved characteristics
became available, and MD research rose again [123]. However, in recent years
membranes with even much improved characteristics have become available. Hence,
recently available MD membranes were investigated through their physical structures,
and performance tests for flux, energy efficiency, and salt rejection under different
operational conditions. Using the characteristics identified above, it will be shown how
the membrane materials and physical features lead to the observed measures of flux and
rejection. In turn guidance to further improve the performance of MD membranes will

be provided.

3.2 Experimental method

3.2.1 Membranes and their properties

Table 3.1 lists the six membranes used in the experiments. The three supported by a
non-woven fabric layer were microfiltration (MF) membranes, and the other three
supported by a scrim were membranes designed for MD. The properties presented in

Table 3.1 were provided by the manufacturers.
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Table 3.1 Properties of membranes as provided by the manufacturers

) Nominal pore Location
Material of ] )
Membrane ) Support layer size Provider
active layers
(um)
Nonwoven Membrane China
Minto.45 PTFE ) 0.45 _
fabric Solutions
Nonwoven Membrane China
Muez.00 PTFE _ 1.00 _
fabric Solutions
Nonwoven ) USA
Moo.30 PVDF . 0.30 GE Osmonics
fabric
Mgio.22 PTFE Scrim 0.22 GE Osmonics USA
Mgto.45 PTFE Scrim 0.45 GE Osmonics USA
Mgt1.00 PTFE Scrim 1.00 GE Osmonics USA

3.2.1.1 Contact angle measurement

Contact angles of the membrane active layer were measured as an indicator of
hydrophobicity. The contact angle of membrane samples were assessed by a contact
angle meter (KSV, CAM200, USA) equipped with a video capturing system. Static
contact angles were measured by the sessile drop method. An 8 uLL drop was formed on
the flat surface of the membrane using a syringe, and the contact angle of each

membrane was measured for 2-3 times.
3.2.1.2 SEM characterisation

To observe their cross sections, the membranes were frozen in liquid nitrogen and then
cut with a blade. Membrane active layer thicknesses were measured by a LEICA SEM
(S440 W) via imaging of the cross section of the membrane. The thickness of each
membrane was measured three times from different sections of the membrane contained

in one image, and an average thickness was reported as the membrane thickness.
3.2.1.3 LEP measurement

LEP was measured by conductivity changes and Fig. 3.2 shows a schematic diagram of

the apparatus. A salt solution was forced through the membrane as the pressure on the

28



salt solution side was gradually increased, and the LEP detected by an increase in
conductivity on the permeate side. A Millipore filter holder (sx0002500, diameter=25
mm) was used to secure the membrane, and the holder cavity was filled with 20% NaCl
solution. The holder was submerged in 200 mL deionised water in a beaker, and the
deionised water was brought into contact with the membrane support layer. Having the
membrane in contact with the deionised water and stirring the deionised water with a
magnetic stirrer increased the diffusion rate of salt into the bulk water, so that an
increase in conductivity could be detected when the LEP was exceeded. A HANNA HI
9032 conductivity meter was used to monitor changes in conductivity of the deionised
water, and it was estimated from the sensitivity of this conductivity meter that 0.05 pL
of 20% NaCl could be detected in the deionised water. The pressure of the salt solution
was increased in increments of 5 kPa, and the pressure was maintained for one minute
before the next 5 kPa pressure increase was implemented. The LEP was equal to the

pressure at which a conductivity increase in the deionised water was detected.

Because very highly concentrated brine solution was used in the LEP test compared to
the feed concentration, it was necessary to convert the measured LEP of 20% NaCl
solution to that of 1% NaCla solution. Otherwise, a 10% error was expected. According
to [124], the contact angle between the liquid and hydrophobic membrane changes only
slightly with concentration variation, and the contact angle can be corrected for
variations in salt concentration via changes in surface tension. The water surface tension

varies with salt concentration and can be calculated by [125]:

A
— Csolution (33)

Vi=Yot ACsotution

where y is the surface tension of pure water and equals 72.0 mN/m at 25°C, the value of
AY/ACsolution 15 1.46+0.05 mNm™Lmol™ for NaCl solutions [125], and Csopution iS the salt
concentration. The measured LEP was converted to the LEP of the membrane under

experimental condition (1% NaCl solution) via Eq. (3.3).
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Fig. 3.1 Schematic diagram of LEP test

3.2.1.4 Gas permeability measurement

The porous membrane was characterised by the gas permeation method using
compressed nitrogen and varying the pressure in the range of 5-80 kPa. A schematic
drawing of the apparatus is shown in Fig. 3.3. The permeation of a single gas driven by
a total pressure drop across a porous membrane will be regulated by Knudsen diffusion-

Poiseuille flow mechanism [35, 86, 126]. Therefore,

8 1 2
J= (?rz \’ 2mMRMT + 8RTTt£bn Ppore)AFgas (3.4)

where APy is the pressure difference across the membrane.

By keeping APg,s constant, varying Ppore, and plotting the curve of J/APgas VS Ppore, the
slope k is

_ rZ
"~ 8RTtby (3:5)

and the intercept c is

__ 8re 1
" 3th Al 2TRMT

(3.6)

SO
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and
€ _ 8RTnk
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Therefore, by measuring the air permeation of the membrane, the mean pore size and
¢/bt can be estimated. To avoid membrane deformation under pressure, the pressure
difference across the membrane was set at 1.00+0.01 kPa. A digital monometer (645,
TPI) was used to measure the pressure and the pressure difference. The time of the soap

bubble passing a soap meter (100 mL) was recorded at least four times under the same

set of pressures by a stopwatch to estimate the gas flowrate.

Nitrogen
cyliner

Membrane
holder ?
Air
= Soap
Flowmeter
Monometer

Fig. 3.2 Air permeability testing instrument

3.2.1.5 Porosity measurement

The porosity was determined by a mass difference method. The sizes of the prepared
samples were in the range of 30-38x45-63 mm?. The weight of each membrane
(including active layer and support layer) and the weight of its support layer without the
active layer were measured by an A&D balance (HR-200). Therefore, the porosity of

the membrane active layer can be calculated by

_ (Mtotal—Msupport)/P

e=1
VpPTFE
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where p is the material density of the active layer, in which a midpoint in density range
of the reported polymer density [127, 128] was used (an error less than 3%); My and
Msupport are respectively the total mass of the membrane and the mass of the support
layer only; Vpree is the volume of active layer, which was calculated by multiplying the
area with the active layer thickness obtained from the SEM images. The porosity of the
support layer was calculated similarly. The surface porosity of the active layer can be
estimated by [129]

&

Esurface = 7 (3.10)

where esurace IS the surface porosity, and t is the average tortuosity of the pore which can

be calculated from value of /bt [126] and the measured membrane thickness.

3.2.2 DCMD Testing

Fig. 3.4 shows a schematic diagram of the counter-current DCMD experimental
apparatus. A flat-sheet DCMD configuration with an area of 0.014 m? was used to
evaluate the performance of the six membranes listed in Table 3.1. The velocities on
both sides of the membrane were maintained equal and were controlled by two
peristaltic pumps, one for the hot feed and the other for the cold stream. The speed was
varied in the range of 0.17-0.36 m/s. The temperature of the feed water was controlled
by a heater and was varied in the range of 45-70°C. A chiller was used to cool the cold
stream so that it could be recycled and remained at a constant temperature. The cold
stream temperature into the DCMD was set at 20°C. The brine feedwater was prepared
by dissolving 100 g NaCl into 10 L water (10 g.L™). Water for the hot feed and the
cooling stream were both deionised. The temperature and pressure of the feed and
permeate were monitored at their respective inlets and outlets, and a conductivity
indicator was used to measure the salt rejection. Spacers provided by GE Osmonics
were used on both sides of the membrane to enhance the turbulence of the streams and
to provide support to the membrane. The flux was determined by measuring the weight
of the product reservoir over time. Our experimental results show that the flux of the
new membranes was about 15-20% higher than that of the conditioned membranes
under the same operating conditions. After the membrane was used for 5-8 hours, the
flux became stable and its absolute variation was in the range of 5-10%. Membranes

were conditioned by performing a DCMD test for 3 hours so as to allow any variation in
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flux that might occur over short time frames to be removed from the experiments. The

variation in flux between membranes was only 5% when this was done. All data were

obtained from these conditioned membranes with stable flux, and the reported flux is

the mean value measured every hour over a 4-6 h period. All the results presented for

each type were measured from the same membrane piece, and the error in the flux was

+5-10%. Error bars are not shown later in Figs. 3.9-3.15 for clarity.
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Fig. 3.3 Schematic diagram of the experimental setup

3.3 Results and discussion

3.3.1 Membrane properties

T

Feed reservoir

Fig. 3.5 shows the SEM images of the support layers and active layers. Images 3.5a and

3.5b are the structures of the non-woven fabric supports respectively for My series

membrane and Mpo 30, and image 3.5¢ shows the structure of the scrim support layer for

Mg series membrane. From those images, it was found that the tortuosities of the

nonwoven fabric support layers were greater than 1, and the tortuosity of the scrim

support layer was close to 1. From the surface structures of the PVDF and PTFE active

layers shown in images 3.5d and 3.5e, it seemed that the knot-fibril net structured PTFE

active layer have a higher surface porosity than that of the PVDF membrane. The cross

sectional images (Figs. 3.5f and 3.5g) of the PVDF and PTFE membranes showed that

the scrim support layer was also thinner than that of the nonwoven fabric support layer.
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Fig. 3.4 SEM images of support and active layers

Based on Eq. (2.15), it can be found that the PTFE membranes seemed to be more
suitable for membrane distillation, as they have a thinner active layer and support layer
than that of the PVDF membrane. Furthermore, the more porous active layer of PTFE
membrane reduced the mass transfer resistance and increased the heat transfer

resistance compared to the PVDF membrane.

Fig. 3.6 shows the results from the gas permeation tests from different membranes. In
this chart, the highest nitrogen flux under the same pressure difference across the
membrane (1 kPa) was obtained for Mg1.0, and the lowest flux was obtained from
Myo.30. In comparison with the membranes with the same pore size, the membranes with
the scrim support layers (Mgi1.00 and Mgo.4s) have higher flux than that of membranes
with the nonwoven fabric support layers (Mmt1.00 and Mmio4s). The permeat flux from

each membrane was linear curve fitted to obtain its slop and interception.
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Fig. 3.5 Relations between J/APyas and Ppore in Nitrogen permeation test of different
membranes

In Table 3.2, the measured and calculated membrane properties are shown. According
to this characterisation of the MD membranes and equations (2.19) and (3.1), the PVDF
membrane (Mpo.30), which has the greatest overall and active layer thicknesses, and the
smallest contact angle, porosities of active layer and support layer, /bt and LEP, will
have the worst performance in membrane distillation. These results show the negative
characteristics of the PVDF membrane for the membrane distillation in comparison with
other membranes, while the scrim supported membrane Mg g0 has the best features for
membrane distillation according to the equations describing DCMD heat and mass

transfers.
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As the calculated tortuosity of Mg serries membrane is less than one, which is caused
by experimental error, the reported tortuosity of PTFE membrane was used in this table
for the calculation of the surface porosity. As seen in Fig. 3.7, the scrim is partially
embedded in the active layer. However, in the measurement, only the original thickness
of the active layer (the part not being covered with the scrim) was considered, so the
measured thickness has overestimated the actual mean membrane thickness. It also can
be found from the data that the measured pore size of Myo30 (2 pm) is much larger than
the nominal pore size (0.30 um). Furthermore, from the magnified cross section image
of Mpo.30 active layer (Fig. 3.8), pores of 5 um in size can also be found. The pore size
difference may be caused by the definition of pore size and/or the pore size distribution
(PSD) of the membrane. This PVDF membrane is used for micro-filtration, so its pore
size will be determined by the cut-off of the solid particle size in the feed. Therefore, the
pore size of the dense (surface) layer will be used as membrane pore size. However, in
the gas permeation test, the mass transferring through the membrane will be affected by
both the pore sizes of the dense layer and the lose layer, so the measured mean pore size

will be the mean value of them.

From Fig. 3.5 and Table 3.2, it is seen that the PTFE active layers are more porous than
the PVDF membrane and the scrim support layer can provide more open area for vapour
transport than that of the non-woven fabric support layer. Furthermore, the Mg
membranes have larger contact angles, smaller overall thicknesses, and higher LEP.
According to the characteristics listed in Table 3.2, and Egs. (2.4), (2.19) and (3.2), Mg
membranes should have low thermal conductivity and mass transfer resistances, can be

employed under relatively high pressure conditions, and are preferable for use in MD.
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Table 3.2 Measured and calculated properties of membrane

Membrane Mmt1.00 Mmioss  Mposo Mgto.22 Mgto.45 Mgt1.00

Thickness Overall 197 187 234 174 164 127

(Hm) Active layer 30£2.5  40#25 902 7742 67+2 30+2

Contact angle 126°t5 124°+5  113°t5 144°t5 144°t5  150°%5
e/bt (m™) 26,369 19,146 330 14,511 20,412 30,722
Pore diameter (um) 0.56 0.48 211 0.31 0.52 0.55
Tortuosity 1.17 1.19 27.06 1.1* 1.1* 1.1*
LEP Measured  24.0+2.5 61.6+25 21.3+2.5 154.0+2.5 90.8+2.5 47.8+25
(kPa)
*Converted 21.8+25 56.2+25 19.4+25 140+25 82.5+25 43.5+2.5
Porosity of Bulk 92.9 88.9 81.0 83.1 87.8 89.4
active layer
(%) Surface 79.4 74.7 3.0 75.5 79.8 81.3
Porosity of Bulk 65.0 73.0 25.6 70.0 70.0 70.0
support layer
Surface <65.0 <73.0 <256 ~70.0 ~70.0 ~70.0
(%)
Thermal

conductivity  active layer  0.042 0051 0.057 0064  0.053 0.050

(W.m?*K™

*Reported tortuosity data were used [75, 130],
* LEP using 20% NaCl solution was converted from measured values to the values of 1%

feed solution by correcting for the change in surface tension at these concentrations.
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3.3.2 Membrane fluxes and global mass transfer coefficients at different velocities

Fig. 3.8 shows the measured fluxes for hot side temperatures of 60°C and cold side
temperatures of 20°C for the selected five membranes listed in Table 3.1. Permeate
fluxes rose as the feed velocity increased for all the five membranes, because high
velocity means high turbulence which will result in less temperature polarisation and
increased driving force across the membrane. However, the rate of flux increase
becomes slow at higher feed velocities (ie. the curves approach constant values). Similar
asymptotic trends of permeate flux with increasing feed velocities were reported
previously [34, 131].

Hot inlet temperature 60°C-Cold inlet temperature 20°C
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Fig. 3.8 Relation between flux and velocity

The Mgi.00 membrane showed the best performance at all velocities, and achieved the
highest flux of 26.2 Lm?h™ at the hot feed velocity of 0.36 m/s. The lowest flux was
from Mpo30, and its highest flux at the hot feed velocity of 0.36 m/s was only around
half that of the lowest flux of the PTFE membrane Mg o0 at the hot feed velocity of 0.17
m/s. Mgu.00 Showed higher flux than Mgo4s at all hot feed velocities, and Mg.45 had
higher fluxes than Mg 22 at all velocities, which corresponds to the findings of higher

gas permeability for larger pore size membranes in the gas permeation test. However, in
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Fig. 3.8, Mmoo shows an average flux about 50% less than that of the Mg in the
tested flowrate range, although it has a higher nitrogen flux than that of Mg.45, and also
has a higher active layer porosity, larger nominal pore size and thinner active layer than
those of Mgi.45. This suggests that the more porous and open support layer of the Mg 45
membrane leads to the higher flux relative to the nonwoven support layer of the Mmt1.00

membrane, and this is discussed later.

During the DCMD experiments, both the turbulence level and temperature differences
across the membrane rose when the velocities were increased. To avoid the influence of
higher temperature difference on flux in characterising the membrane properties, a
global mass transfer coefficient Cgionar Was calculated using Eq. (2.19). To do so, an

average APqq for counter current flow was calculated from

AP — (Pfi_Ppo)_(Pfo_Ppi)
A9 In[(Pfi—Ppo)/(Pfo—Ppi)]

(3.11)

where Py, Pro, Ppi and Pp, are the vapour pressures respectively at inlet and outlet
temperatures of the hot side and cold side. The global mass transfer coefficient includes
mass transfer in both the boundary layers and the membrane pores, which will vary with
the turbulence state of the stream and is different from the local membrane mass transfer
coefficient that is only determined by membrane properties shown in Eq. (2.19).
Assuming that the mass transfer coefficients in the boundary layer are equal under the
same hydraulic conditions in the experimental temperature range, the global mass
transfer coefficient can be used to make a comparison in mass transfer performance
among the different membranes. Based on this assumption, the global mass transfer
coefficients were calculated from Eqg. (2.19) and the results are shown in Fig. 3.9.

Fig. 3.9 shows that My series membranes have significantly higher mass transfer
coefficients than the other membranes. Although M1.00 has the same nominal pore size
as Mgt1.00, it only has a mass transfer coefficient similar to that of Mg, in the tested
velocity range. The Cgiopal Of Mpo 30.15 the lowest and is not sensitive to velocity changes,
indicating that the mass transfer resistance in the membrane dominates that of the
boundary layers. It also can be found from Fig. 3.6, air permeation of Myg3 was only
half that of Mgo2, and 20% that of Mmwas, Which shows that the mass transfer
resistance of the Mpo 30 Was much greater than that of other membranes. Furthermore, it

can also be found from Fig. 3.9 that Mg .22, which has the second largest resistance, also
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shows a flux not sensitive to velocity at a lower velocity than the membranes with low

mass transfer resistance.
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Fig. 3.9 Mass transfer coefficients with respect to feed velocity

In Figs. 3.8 and 3.9, the curves for the Mmu.00 and Mgt 2, intersect each other, which
could be caused by the structure of their support layers. Figs. 3.4a and 3.4c and Table
3.2 show that the tortuosity and thickness of the nonwoven fabric support layer of
Mmt1.00 are greater than those of the scrim support layer, so the non-woven fabric layer
may trap more static water and cause a greater degree of temperature polarisation than
the scrim support layer at lower flowrate. Therefore, the flux gained from membrane
supported by nonwoven fabric may show stronger dependency on flowrate. At a low
flowrate when the boundary layer or temperature polarisation has more influence on
flux, Mmuoo showed lower flux than that of Mgo22, While at a high flowrate when
turbulence reduces the temperature polarisation effect and flux is mainly controlled by
the properties of the active layer, Mm1.00 Showed higher flux than that of Mg 2.

Fig. 3.10 shows the salt rejection rate with respect to velocity for the five membranes
listed in Table 3.1. The pressure drop along the membrane was in the range of 8-20 kPa
at these velocities. Salt rejection rates of all the PTFE membranes were more than 99%,

regardless of the velocities. Although the salt rejection rate of the Mpo30 was more than
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99% at the low velocity, it reduced to 96% as the velocity increased to 0.36 m/s. This
can be attributed to pressure variation in the range of 10-20 kPa at this flowrate, and
from Table 3.2, it can be seen that the LEP of Mpp30 was only 19.4+2.5 kPa, which may
have allowed wetting to occur under fluctuating pressures at high velocities. The PSD
of the membrane was also a possible cause of the pore wetting, as any large pores that

occur will wet more readily than the small pores.
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Fig. 3.10 Salt rejections related to feed velocity

3.3.3 Membrane fluxes and global mass transfer coefficients at different

temperatures

Fig. 3.11 show the measured fluxes for the hot stream at a velocity of 0.36 m/s, different
hot inlet temperatures and same cold inlet temperature for the five selected membranes
listed in Table 3.1. Permeate fluxes increase as the temperature is increased for all the
five membranes, because higher temperature will generate greater driving force for
mass transfer through the membrane. Except for Mmw4s, all membranes showed a
similar flux trend to that of the gas permeation test. In Table 3.2, it can be seen that the
Mmio.4s has characteristics more suitable for membrane distillation than that of the
Mgto.22, Other than the support layer, but the flux obtained from M .45 Was less than that
of the Mgi22. Thus, it was confirmed again that the support layer was one of the key

factors for MD membrane structure.
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Fig. 3.11 Relation between flux and temperature for the various membranes
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Fig. 3.12 Mass transfer coefficients with respect to feed inlet temperature for the various

membranes
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Fig. 3.12 shows the calculated global mass transfer coefficient at different temperatures.
A declining trend of the global mass transfer coefficient was found as the temperature
increased. Because more heat transfer was needed to support the higher flux at high
temperature, a large temperature difference or temperature polarisation should be
expected, assuming the heat transfer coefficient was constant at a given velocity.
Besides the temperature polarisation becoming greater at higher temperature [132],
based on Egs. (2.17) and (2.18), a decrease of the membrane mass transfer coefficient

also can be found when the temperature was increased.

The salt rejection at different temperatures is presented in Fig. 3.13, which showed a
maximum difference of less than 1%. Therefore, the change in surface tension at
different feed temperatures seemed to have little effect on the salt rejection under the

experimental conditions.
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Fig. 3.13 Salt rejection at different temperatures

3.3.4 Temperature influence on membrane flux and energy efficiency

AS Mmt1.00 and Mg .00 membranes showed the highest flux for a nonwoven backed and a

scrim backed layers, they were selected for further testing over a wider temperature
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range. The permeate fluxes of both membranes increased as the temperature rose. Fig.
3.14 shows the flux at different hot side inlet temperatures at a feed velocity of 0.36 m/s.
Although the active layers of these two membranes were made from the same material,
with the same nominal pore size measured by the gas permeation test (similar PSD),
approximately same measured active layer thickness and having similar support layer
porosities, Mgi1.00 Showed consistently higher flux than that of M 00. The highest flux
of 46.3 Lm?h™ was achieved from Mg oo at 80°C. The difference in flux between these
membranes was probably due to the difference in support layers used. From Table 3.2
and Fig. 3.4, it can be seen that the scrim support layer is thinner and more open (more
surface porosity) than the nonwoven fabric support layer. Thus, the Mgt .00 has a smaller
overall thickness and a larger exposed effective area of the active layer than that of the

Mmt1.00 membrane.
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Fig. 3.14 Variation of flux with hot side inlet temperature at a constant velocity

The results listed in Table 3.3 were calculated using Eqg. (2.6). From this table, it is
found that the feed sensible heat transfer increases when the temperature is higher, and
the heat loss due to the latent heat transfer increased faster than that of the sensible heat
transfer, except for the Mg 0o When the temperature was increase from 70 to 80°C.

Although Mmu1.00 IS thicker than Mg 00, the global heat transfer coefficient (U) of Mmt1.00
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is greater than that of Mg o0 Under the same conditions. This means that more heat was
wasted in the MD process when M 00 Was used, and is consistent with the higher

sensible heat transfer for Mmt1.00.

Table 3.3 Sensible heat transfer and latent heat transfer at different temperatures

Feed inlet temperature

30 40 50 60 70 80
°C)
Q
12.9 19.2 31.1 39.8 56.6 69.3
(kwm?)
Hlatent\:|
11 3.1 7.5 104 18.3 23.7
(kwm?)
Mmtl.OO
Mb(T1-T))
11.8 16.1 23.7 29.3 38.2 45.6
(KW-m)
U
164.1 151.3 136.9 132.9 121.6 118.5
(KWm?K™)
Q
12.3 21.3 32.9 45.3 49.5 59.2
(KW-m)
Hlatent\:|
3.0 6.7 12.8 19.8 25.3 28.7
(kwm?)
Mgtl.OO
Mb(T1-T»)
9.3 14.6 20.2 25.5 24.2 30.5
(kwm?)
U
1355 123.6 110.2 1014 87.9 92.8
(KWm?K™)

The degree of temperature polarisation incurred by their support layers was investigated
based on two assumptions: the degree of temperature polarisation on the active layer

side for both membranes was similar under similar operating conditions, and the support
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layer could incur a higher degree of temperature polarisation than the active layer,
because the turbulence of the bulk stream has less effect on the water in the scrim or
nonwoven fabric support layer than the water on the surface of the active layer. In these
experiments, the stream velocities were kept at 0.36 m/s and permeate and feed inlet
temperatures were set at 20 and 60°C, respectively. The configuration of the membranes
with respect to direct contact with the feed and permeate sides was varied, such that
both the support layer and active layer of each membrane were contacted with feed in
different experiments (ie. the membrane was turned over between experiments). From
the experimental results listed in Table 3.4, it is seen that in comparison with the active
layer in contact with the feed, the flux was reduced by 19% and by 3% for Mg1.00 and
Mmt1.00, respectively, when their support layers contacted the feed. From Eqg. (2.19) and
the exponential relationship between temperature and vapour pressure [133], it can be
concluded that the flux shows more dependency on the feed side temperature
polarisation than on permeate side temperature polarisation. This result maybe also due
to the proportion of the mass transfer resistance of the boundary layer attributed to the
total mass transfer resistance. At the experimental velocity, it is noted from Fig. 3.9 that
the global mass transfer coefficient of membrane Mmoo appeared constant, but the
mass transfer coefficient of Mg oo Still seemed to be increasing linearly with velocity.
Thus, at this flowrate, for membrane Mmoo, the mass transfer resistance of the
boundary layer did not have great influence on the flux, while for membrane Mg oo, the
boundary layer still contributed to a significant proportion of the resistance to mass

transfer.

This indicates that the resistance of the whole membrane is not controlling the flux in
the case of Mgt1.00 but it is for Mmoo As shown in Table 3.2, both membranes have
similar active layer characteristics, so it may be assumed that the resistance of both
active layers are similar. From the Figs. 3.4a and 3.4c and the observed pressure drop in
the module about 10-20 kPa at a stream velocity of 0.36 m/s, it was expected that both
nonwoven and scrim support layers were fully wetted, because both support layers had
much larger opening compared to the membrane pore size and were made from PP
which has a lower contact angle than PTFE. However, Mg 00 produced more flux than
that of M .00. Therefore, the lower flux of Mmoo relative to Mg oo is caused by the
greater resistance of the nonwoven support layer compared to that of the scrim support

layer. Furthermore, the lack of influence of having the feed on either of the active layer
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side or support layer side in the My.00 €xperiment suggests that the support layer acts
as an integral part of the membrane, and that the resistance of the membrane is
composed of the resistance of the support layer and the resistance of the active layer in
series. In contrast, the support layer of Mg 00 decreases the exposed active layer area on
one side of the membrane, and also affects temperature polarisation via its effect on the
hydrodynamics. Therefore, even greater flux through Mgu o might be achieved via

increasing the porosity (open area) of the scrim support layer.

Table 3.4 Flux change with side in contact with feed

Feed contacting support layer Feed contacting active layer

Membrane Flux Cylobal Flux Cylobal

(Lm?h™ (x10°Lm?h?*Pat)  (Lm?h?Y)  (x10°Lm?h?Pa?)

Mmt1.00 24.7 2.12 25.5 2.17

Mgt1.00 27.1 2.28 335 2.80

Fig. 3.15 shows the ratio between the heat transfer contributing to water flux (latent heat)
and the total feed heat-loss in the module at different temperatures. The ratio is defined

as

Hiatent/A
E=—"-"— 3.12
meP(Tfi_TfO) ( )

where A is the membrane area, C, is the specific heat of water, m, is the feed mass

flowrate, and T and Ty, are feed inlet and outlet temperatures respectively. E can be

considered as the efficiency of energy used to produce condensate.

These ratios calculated using Eq. (3.12) represents the effective proportion of energy
used for the production of permeate. This ratio is one of the key factors contributing to
the operational cost of a MD system, as the more effectively heat can be used to drive
mass transfer, the more energy efficient the process will be. Therefore, a higher E
indicates more efficient energy use because more fresh water could be produced with

the same energy.
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Fig. 3.15 Ratio of heat for water flux to the total feed heat loss, E, at different
temperatures

The two curves in Fig. 3.15 are almost parallel to each other. Over the whole
temperature range of 30-80°C, the average difference calculated at the same temperature
was 0.16. For Mn .00, the ratio increased as the temperature rose across the entire
temperature range, while for Mg oo, it increased initially, reached a maximum value of
0.50 at 70°C, and then plateaued between 70°C and 80°C. The heat ratio for evaporation
of MD using Mgi1.00 Was 1.4-2.8 times that of using Mmu.00, Which means that for the
same heat loss in the hot brine stream, the fresh water produced from Mg 00 System was
1.4-2.8 times that of the Mmu.00 membrane.

This is a consequence of the more open and smaller thickness of the Mg 00 Support
layer compared to that of Mmu.0, Which reduces the mass transfer resistance and
enables more heat utilisable for evaporation. Therefore, there was less energy transfer

associated with the sensible heat passing through the membrane.

3.3.5 Key performance features of new generation membranes

The membranes with the best flux and energy performance have been identified. More

hydrophobic membranes appear to result in better salt rejection rate, particularly at
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higher velocities where the feed pressure is higher. Although the scrim support layer
seemed to incur more temperature polarisation than the nonwoven fabric support layer
when the flowrate has less effect on the flux, the more open structure of the scrim
backing was found to have less mass transfer resistance which is vital to enhance
membrane performance as compared to the nonwoven fabric backing, as the scrim
backing membranes consistently produced higher flux and greater conversion of heat to

permeate flow.

For future membrane design, the following guidance is suggested to improve MD

performance:

e Thin scrim support with wider accessible spaces to the membrane surface should
yield further flux and energy efficiency improvements,

e Hydrophobicity is essential for MD operation, but was not found to link to flux
as strongly as other physical features,

e Structures of the composite membrane, i.e, overall thickness, the openness of the
support layer, are more important for flux improvement than pore sizes in the
ranges tested (0.2—1 um), and

e The geometric structure of the support layer seems to be more important for high
flux than that of the porosity, as the flux of scrim backed 0.22 and 0.45 pum
membranes were respectively greater than that of the nonwoven fabric supported
Mmio.45 and Mmi1 .00 membrane at the tested conditions.

3.4 Summary

The performances of three new MD membranes supported with scrims were assessed
based on flux and energy efficiency, and show greater potential for use in desalination
processes than do the traditional microfiltration membranes. The new PTFE membranes
achieved a significantly higher flux and had better energy efficiency than the MF

membranes under the same conditions.

For the gas permeation tests, all PTFE membranes showed much higher gas
permeability than that of the PVDF membrane. Additionally, for the same pore sizes,
the scrim supported PTFE membrane showed higher gas permeability than that of the

nonwoven fabric supported PTFE membranes.
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The contact angles of the new membranes were in the range of 140-160°, which are 1.5
times that of Mo .30and 1.25 times that of Mm.00 and Mm.45. Similarly, the LEP of the
new membranes were 2 times that of the MF membranes, so the new MD membranes
can be used at higher operating pressures without the risk of wetting. The new
membranes show good salt rejection even under critical conditions. In comparison with
the 96% salt rejection rate of Myo30, all PTFE membranes achieved nearly 100% salt

rejection rate at a feed velocity of 0.36 m/s and <20 kPa.

Global mass transfer coefficients were calculated to evaluate the mass transfer
efficiency of the process under different conditions. All new PTFE membranes have
mass transfer coefficients higher than or similar to that of MF membranes under the

same conditions.

The more open support layers of the new membranes have less mass transfer resistance
than the nonwoven fabric support layer, which incur great increase of flux and energy
efficiency. Flux of up to 46 Lm™>h™ was obtained at 80°C, which is comparable to the
flux achieved in reverse osmosis systems. This suggests that membranes for a
commercially viable MD process are available, and issues around module design and
long term operation of the MD process (fouling, wetting) need to be resolved. All
experimental results presented here were each measured for a period of four to six hours.
Experiments over longer time periods are needed to investigate fouling and wetting

issues.
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Chapter 4 Performance of asymmetric hollow fibre

membranes

4.1 Introduction

As mentioned in Chapter 2, the hollow fibre tubular module can have a very high
packing capacity. Therefore, it is attractive in the commercial application of membrane
distillation. However, most of the tubular hollow fibre modules used in MD are made
commercially for other separation purpose [60], and its typically low flux is generally 1-
4 Lm?h at 40-60°C [63-65] which is much lower than that of the flat sheet membranes
with fluxes of 20-30 Lm?h™ [3].

The basic features of MD hollow fibre modules have been listed by Schneider and co-
workers [70]:

e Housing and membranes should have good thermal and chemical resistances,

e Potted hollow fibres should be crack free and have good adhesion,

e The tubular module is dryable and fixable, if the hollow fibre membrane is
wetted or broken, and

e The structure of the tubular module should ensure a uniform flow through the

hollow fibre membrane to avoid dead corners or channel formation.

The recent renewed interest in membrane distillation has led to improved hollow
fibre membranes and modules. In this chapter, the tubular module tested was
fabricated for MD purposes and contained 94 asymmetric hollow fibre membranes
specifically fabricated for membrane distillation. The performance of the membrane

was explained based on mass transfer theory in microporous membrane materials.

4.2 Theory

Fig. 4.1 shows the force balance at the entrance of pore, in which Ps and P, are the
pressures applied respectively by the feed and permeate streams on the pore entrance, F

is the force from surface tension, H is the water protrusion into the pore and 6’ is the
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angle between the water and membrane material. Additionally, 6’ is greater than 90°
and cannot be more than & before wetting occurs, and the initial Ppoe equals

atmospheric pressure.

Pf Feed

9!’

f’ Y Y Y Y 3 H
Pore Membrane
P material
/
-\-\__\\ e A _,.-F"/.
B Permeate

Fig. 4.1 Schematic diagram of the force balance at the pore entrances

The force generated from surface tension can be expressed by [134]

F = 2nry, (4.1)
In considering Fig. 4.1, when Ps is higher than Py, the force balance at the pore
entrance can be expressed as

Fcos@' = —P; mr? (4.2)

As Ps increases in value relative to Pyore, 6 Will become larger based on Eq. (4.2) before

membrane wetting occurs. The protrusion depth can be calculated by
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H =r(1-sin(180 — 8")) (4.3)

where r is radius of the pore.

Therefore, the protrusion depth will also increase as P is raised. According to these Egs.,
the protrusion depth reaches its maximum value when the #’=6 for a given pore size.
Furthermore, a larger pore and greater contact angle will lead to a greater protrusion. To
assess the effect of protrusion depth on the air volume within the pore, a large pore size
of 1 um (r=0.5 um) and a contact angle of 150° were assumed in the calculation of
protrusion depth. Accordingly, the calculated maximum protrusion depth H was 0.25
um. When considering a typical membrane thickness of 10-50 um, this protrusion will
have a negligible effect on the air volume within the pore. Therefore, if pressures
applied on both pore entrances are higher than Pyore and the membrane material is not
compressible, Pyore Will be independent to the changes of pressures applied at the
entrances based on the ideal gas law, because air volume within the pore will not change

with the applied pressure at the entrances.

However, if either feed or permeate pressure is reduced to less than Ppor, the higher
pressure air within the pore will bubble into the lower pressure stream, until the force
balance is stabilised again (Ppore €quals this lower pressure), although the air volume

within the pore does not change.

4.3 Experimental methods

4.3.1 Hollow fibre membrane and module

Table 4.1 lists the characteristics of the membranes as specified by the supplier and the

dimension of the module used in the experiments.

Table 4.1 Nominal specifications of hollow fibre membranes

Inner module Nominal
diameter Effective length Number of fibres membrane pore
(mm) (m) size
(um)
25 0.51 94 0.3
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4.3.2 Characterisation of hollow fibre membrane
4.3.2.1 Measurement of hollow fibre membrane dimensions

As shown in Fig. 4.2, the inner and outer diameters were measured directly from the
cross section of the tubular module by taking photographs of the fibre cross sections
alongside a millimetre scale reference. The printed photo is measured by a digital
calliper. The magnification was 7.7 calculated based on the scale shown in the photo
and measured by the digital calliper. The inner and outer diameters are calculated from
the magnification and the measured dimension by the digital calliper. As shown in
Table 4.3, measurements were taken for four fibre pieces and each fibre was measured
three times. The mean value of the measured diameters was used to calculate the

effective area.

Fig. 4.2 Photo for inner and outer diameter measurement of hollow fibre membrane
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Table 4.2 Diameter calculated based the measurement from image

Inner diameter (d;) Outer diameter (do)
Sample (mm) (mm)
n=3 n=3
1 0.87 1.69
2 1.04 1.66
3 1.00 1.64
4 0.98 1.56
Average 0.97 1.64

4.3.2.2 Contact angle measurement

Contact angles of inner and outer surfaces were measured via surface tension effects
based on [135]. A schematic diagram of the instrument for measuring the outer surface

contact angle is shown in Fig. 4.3a.

Bealker Hollow
4+— Tibre

X Water

C o
[ ]

Balance

a. Schematic diagram of the instrument for measuring the outer contact angle
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Fig. 4.3 Contact angle measurement for outer surface

During the measurement, a copper wire was inserted through the lumen side, part of the
fibre was submerged in water, and silicon sealant was used to seal the submerged end of
hollow fibre and fix the end of copper wire on the lumen side wall, so water could not
penetrate the fibre lumen. Due to the surface tension effect, the mass weighed by an
A&D balance (HR-200) will decrease. The mass reduction arises from the surface

tension shown in Fig. 4.3b and can be described as:

Am = Fcos8/g (4.4)
Thus,

_ _ Amg
6 = cos™ ! (T) (4.5)

in which F can be calculated with Eq. (4.1).
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Fig. 4.4 Mass change against the time in contact angle measurement

However, the mass value shown on the balance decreased continuously throughout the
measurement period, because the instrument is an open system and water evaporated.
Hence, it was difficult to determine the mass reduction caused directly by the surface
tension, and it is necessary to know the evaporation rate of the water. During the
measurement, the recorded temperature in the laboratory only varied in the ranged of

20£1°C, so it is reasonable to assume the water evaporation rate was constant.

In Fig. 4.4, linear curves fitting the mass change against the time were drawn, from
which linear fitting equations were obtained. Because the mass reduction caused by the
surface tension will not change with the time, the results calculated as t=0 from the
equations or the intercept of the curves are the mass reduction resulted from the surface
tension. Two fibre pieces were tested and the average was used. Although the two
curves showed different intercepts, which may be caused by the difference of fibre

circumference, the calculated contact angles differed by less than 3°.
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Fig. 4.5 Contact angle measurement for the inner surface
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The schematic of instrument for measuring contact angle of inner surface is shown in
Fig. 4.5a. In the contact angle measurement for the inner surface, both sides of the fibre
were open. One end of the hollow fibre was encased in a clear cylinder, and high
vacuum grease was used to seal the clearance between the fibre and the cylinder nozzle.
The other end of the fibre was slowly submerged into the water, and the height
difference (h) between the top of the fibre and water surface recorded when water first
protruded from the top of the fibre. The experiments were repeated four times. The data
are shown in Table 4.4.

Table 4.3 Measured height difference (h) between the top of the fibre and water surface

Time 1 2 3 4 Mean

h (mm) 18.51 17.09 18.66 18.48 18.19

As that shown in Fig. 4.5b, the force balance can be expressed as

F cos8 = —pghm(d;/2)? (4.6)

Based on Eq. (4.1),

_ _4n cos@
h = ~oads 4.7)
Therefore,

_ —1 (hpgd;
0 = cos (—4” ) (4.8)

where p is the water density, h is the height between the water protrusion and water

surface in the beaker and g is acceleration due to gravity.
4.3.2.3 Porosity measurement

The porosity was measured by the wetting method [136]. To reduce measurement error,
eight fibres with a total calculated volume of 4.2 ml (based on the mean ID and OD)
were used. According to the wettability of the fibre material, the total unwetted fibre
volume (including pore volume) and the total wetted fibre volume (mass volume) were
measured by soaking the fibre in deionised water and ethanol. Four measurements were

taken for the total volume, two measurements were taken for the mass volume, and

63



fibres were dried completely between each measurement. The porosity was calculated

by

e=1-— Vimass (49)

Vtotal

where the Vs IS the mass volume and Vigtq IS the total fibre volume.

The measured mean volume was 4.17 mL which was about the same as the calculated

volume, confirming the measurement of the inner and outer diameters.
4.3.2.4 Pore distribution and pore size measurement

Although it was not very popular to use BET to measure the pore size distribution of
polymeric membrane, some studies had been conducted in this area [137, 138]. In this
study, the pore size of the membrane skin layer was microspore (size less than 2 nm), so
it was necessary to use BET for characterisation. Both pore size distribution and mean
pore size were measured by a BET (Micrometritics TriStar 3000) instrument using
nitrogen adsorption at 77K. Pore size and pore size distribution were calculated from
the BJH absorption result. To avoid polymeric material degradation during degassing,

the hollow fibre was degassed at a temperature of 70°C for 48 h.
4.3.2.5 SEM characterisation

Surface and cross sectional structures were observed by a Philips XL30 FEG Scanning
Electron Microscope (SEM) to verify the results from BET. The investigated membrane

was fractured following immersion in liquid nitrogen to form an intact cross section.

4.3.3 DCMD and Vacuum Enhanced DCMD (VEDCMD) Testing

Three experimental configurations were used in the experiments. In the three
configurations, the feed temperature was controlled by a digitally controlled heater and
was varied in the range of 30-90°C. A digitally controlled refrigerated water bath was
used to control the temperature of the cold flow so that it could be recirculated at the set
temperature (20°C) in all experiments. The brine feed was prepared by dissolving 100 g
NaCl in 10 L water (10 g.L™"). Four temperature sensors were used to measure the
temperatures of the hot brine and cold flow sides at their respective inlets and outlets.

Two pressures sensors were placed upstream of the hot feed and permeate entrances to
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monitor the pressure of each side. A conductivity meter in the product reservoir was
used to monitor changes which were used to calculate salt rejection. Flux was
determined by measuring the weight of the product reservoir over time. All the flux
results presented were calculated based on the outer surface area over a period of 3 to 8

hours and variation in flux over this time was +5%.

According to the lumen side of the hollow fibre or the shell side of the module (outside
the hollow fibre) that the feed passed through, the configuration was classified into
Setup | (feed on lumen side) and Il (feed on shell side). The schematic diagrams of
Setup I and Il are similar to Fig. 3.4, except two centrifugal pumps and two flow control
valves were used instead of the peristaltic pumps. The velocities of the hot and cold
streams were controlled by changing the opening of the flow control valves and were
varied in the range of 0.24-1.7 m/s (1-7 L/min) and 0.23-0.60 m/s (4-10.4 L/min)

respectively in Setup I and 11.

Fig. 4.6 shows a schematic diagram of Setup Ill. To reduce the pressure (Ppore) in the
membrane pores, the cold stream in the cold cycle was drawn through the shell side of
the hollow fibre by a positive displacement pump (Hydra-cell G-13), and the cold
stream velocity was varied in the range of 0.1-0.35 m/s (2.1-6.1 L/min). The hot cycle

of Setup 111 was identical to the Setup I.

Although no noticeable flux decay was found in these experiments, after every series of
experiments, the membrane was cleaned by fully wetting with ethanol and soaking in
0.1 mol/L HCI solution for 3-10 min.
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Fig. 4.6 Schematic diagram of the experimental Setup Il

4.4 Results

4.4.1 Membrane properties

Table 4.4 lists the measured and calculated properties of the membrane.

Table 4.4 Measured and calculated properties of membrane

Mean fibre diameter Mean effective area
Membrane Mean
] . Surface contact angle Mean porosity
(mm) thickness (m?module) pore size
(%)
Inner Quter (mm) Inner Quter (pm) Inner Outer
0.97 1.64 0.38 0.15 0.24 0.33 126+3° 9442° 82.0

Based on the measured contact angle shown in the table, it can be concluded that the
hollow fibre membrane was less hydrophobic than PTFE membranes [48], and its inner
surface was more hydrophobic than the outer surface. The measured mean pore size

acquired from BET was similar to the provider’s data in Table 4.1.

The porosity of the hollow fibre was higher than that of reported polypropylene hollow

fibre membrane (~75% porosity) used for membrane distillation and other applications
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[139, 140], lower than polyvinylidene fluoride (PVDF) MD membrane (~85% porosity)
[59, 141], and similar to the reported (PVDF) MD membrane loaded with 30%
polytetrafluoroethylene (PTFE) [59].

In Fig. 4.7, the SEM images show the structure of principal and skin layers of the
hollow fibre membrane. The inner and outer surface (skin layer) structures are shown in
images 7a and 7b, in which it can be seen that the outer surface is smoother and denser
than the inner surface. Image 7c shows the structures of the cross section of the hollow
fibre, which consists of a thick porous principal layer (7d) and a very thin skin layer
with tiny pores (7b). From SEM image 7c, the skin layer was estimated to be 5 um thick,
which represents only 1.5% of the total membrane thickness (Table 4.4).

=

——————————————— 5um

HF inside

a. Inner surface of the hollow fibre membrane
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b. Outer surface (skin layer) of the hollow fibre membrane
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HF x-section

c. Cross section of the hollow fibre
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Fig. 4.7 SEM images of the hollow fibre

In comparison with a symmetric membrane, this asymmetric structure (skin layer with a
smooth surface and tiny pores) can reduce the risk of wetting, e. g. large molecule will
not pass through the pores and cause the wetting of the membrane, and it also improves
antifouling effects [19, 20] and thereby improves the performance [5]. For example, this
kind of membrane can be employed for dewatering dairy product containing large

protein molecules which may foul and wet conventional membranes quickly.

The BJH adsorption pore size distribution is presented in Fig. 4.8. There are two
emerging peaks in the figure: one appears where the pore size is smaller than 0.002 pm
and the other where the pore size is larger than 0.16 pm, corresponding to results found

in the SEM image 7c.
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Fig. 4.8 BJH membrane pore size distribution (pore size 0.0017-0.3 um)

For estimating purposes, Table 4.5 lists the estimated pore sizes of different layers and
cumulative pore volumes of different pore size ranges based on the BJH analytical
results, and the thicknesses of different layers based on Fig. 4.7 and over all membrane
thickness (Table 4.4). For simplification, the pore tortuosities of both layers are

assumed to be 1.

Table 4.5 Estimated properties of the hollow fibre layers

Cumulative pore volumes Pore size Thickness
Pore (cm®/g) (um) (um)
tortuosity Skin layer Principle layer Skin Principle Skin Principle

(1.7<D<1.9 nm) (0.15<D>0.23 um) layer layer layer layer

1 0.0004 0.04 0.0018 0.33 5 665
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4.4.2 Experimental results

4.4.2.1 Fluxes and global mass transfer coefficients at different Reynolds numbers

In Fig. 4.9, both flux and global mass transfer coefficient curves show similar trends

and become flatter at higher Reynolds number (velocities). A similar asymptotic trend

of permeate flux with increasing flow rates was reported previously [34, 131].
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a. Flux changes at different Reynolds number
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Fig. 4.9 Influence of velocity on flux and global mass transfer coefficient

(Feed temperature 60°C permeate temperature 20°C)

Variation of fluxes with Reynolds numbers for Setup I and Il are shown in Fig. 4.9a. In
the experiments, inlet temperatures of the cold and hot sides were kept constant and
controlled at 20°C and 60°C respectively. The volumetric flowrate on the hot and cold
sides were identical, and the feed flowrate was varied in the range of 2.0-5.5 L/min
(velocity: 0.48-1.32 m/s, Reynolds number: 970-2,800) and 4-10.4 L/min (velocity:
0.23-0.60 m/s, Reynolds number: 980-2,600) in Setup | and Il respectively. When the
Reynolds number was increased, both the thermal and hydrodynamic boundary layers
were thinned and temperature polarisation reduced because of greater turbulence [142].
As a result, the flux increased by 52% (from 2.3-3.5 L.mh™) for Setup I and 80% for
Setup Il (from 4.9 to 8.8 L.m?h™).

However, the global mass transfer coefficient shown in Fig. 4.9b increased by 37%
(Setup 1) and 58% (Setup 1) with increasing Reynolds number (velocity), which is less
than the percentage increase of flux. Over the higher Reynolds number, e.g. when
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Reynolds number increased from 2,000 to 2,800, there were only 17% (Setup I) and 10%
(Setup 1) increases of global mass transfer coefficient, compared with 21% (Setup 1)
and 14% (Setup II) flux increases over the entire range of velocities. Therefore, at
Reynolds number or high velocities (the flattened part of the flux vs Reynolds number
curve), the increased flux resulted largely from the greater temperature difference across
the membrane rather than that from greater turbulence, because the global mass transfer
coefficient, which accounts for temperature changes in the bulk liquid, was close to
constant at high velocity. This is consistent with the boundary layer thickness being less

sensitive to flow velocity at high velocities [143].
4.4.2.2 Temperature influence on membrane flux

The fluxes as a function of hot side inlet temperatures (29-90°C) for Setup | and Il are
shown in Fig. 4.10a. The cold side inlet temperature was set at 20°C. The feed velocity
was selected in the plateau part of the curves in Figs. 4.9a and 4.9b to reduce the effect
of the boundary layer on flux and remained constant at 1.7 m/s (7 L/min) for Setup I
and 0.4 m/s (7 L/min) for Setup II.
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Fig. 4.10 Flux and global mass transfer coefficient affected by temperature
(Setup | - Feed velocity 1.7 m/s, Setup 1l - Feed velocity 0.4 m/s)

Fluxes for both setups showed an approximately exponential relationship with the
temperature, consistent with the relationship between vapour pressure and water
temperature. Setup Il had higher flux than that of Setup | across the entire temperature
range, and the highest flux of 19.2 L.m?h™ was observed at 86°C for Setup II. The
global mass transfer coefficient shown in Fig. 4.10b decreased slightly when the

temperature rose, suggesting increased polarisation at higher temperatures [24].

As it can be seen from Figs.4.9 and 4.10, the flux and global mass transfer coefficient
showed different dependencies on Reynolds number and temperature. At different
temperatures, the global mass transfer coefficient was varied by -12% to 11% around
the average in Setup | and by -7% to 5% in Setup Il, and the flux was varied by -90% to
178% around the average value in Setup | and by -90% to 146% in Setup Il. However,
at different velocities, the global mass transfer coefficient varied from -44% to 26% in
Setup | and from -70% to 38% in Setup Il, and the flux varied from -30% to 24% in
Setup | and from -32% to 17% in Setup Il. Therefore, it suggests that the global mass
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transfer coefficient is a strong function of Reynolds number but not temperature, and
both the feed inlet temperature and stream Reynolds number have great influence on the
flux, although flux variation over the temperature range was twice and triple that of the
flux variation for the velocity range tested.

4.4.2.3 Flux variation with enhanced vacuum on the cold side

Setup 1, Vacuum enhanced direct contact membrane distillation (VEDCMD) was used
to test the effect of negative pressure in the pore on flux. Although no collapse of the
fibre was observed, the large inner and outer diameters of the fibre made collapsing a
possibility if the pressure on shell side is much higher than the pressure on lumen side.
Because additional hollow fibre modules were not available, the cold flow was put

under negative pressure from the shell side to avoid the risk of damaging the membrane.
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Fig. 4.11 Vacuum enhanced membrane distillation

(Feed on lumen side, hot inlet temperature=60°c, cold inlet temperature=20°c)

In the experiment, the hot feed velocity was kept constant at 1.7 m/s (7 L/min), cold
permeate velocity was varied in the range of 0.1-0.35 m/s (1.6-2.3 L/min), and inlet
temperatures on the hot and cold sides were set at 60 and 20°C, respectively. The
negative pressure was enhanced by increasing the cold stream velocity. For the purposes
of comparison purposes, the experiment was also conducted in Setup I at the identical

inlet temperatures and velocities.

Fig. 4.11a shows the relationship between velocity and pressure on cold side in Setup
I11, and the effect of the velocity (negative pressure) on flux in both Setups I and Ill. Fig.
4.11b shows the effect of cold side velocity (negative pressure) on the global mass
transfer coefficient in both Setups | and I1l. With increasing cold stream velocity, the
flux and global mass transfer coefficient from Setup I increased initially, reached a
maximum value at a feed velocity of 0.23 m/s, and then decreased. However, the flux

and global mass transfer coefficient obtained from Setup Il increased with increasing

76



velocity (lowered negative pressure) over the entire test range, but the rate of flux

increase reduced at higher vacuum pressures.
4.4.2.4 Feed pressure and salt rejection

Salt rejection in all experiments was higher than 99% and did not change appreciably
with velocity and temperature, which may be attributed to the large inner diameter and

the small pore size of the hollow fibre membrane.

In Fig. 4.12, the relationship between the inlet pressures on both sides of the membrane
and the flow velocity is presented. Even when the linear velocity on the lumen side was
as high as 2.5 m/s (10 L/min), the inlet pressure was only 90 kPa. This is still lower than
the LEP (Eq. (3.2)) of a membrane with a maximum pore size of 1.7 um, assuming B
equals 1, y is the surface tension at 60°C, and € is the contact angle (126°+3) of the

inside surface.
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Fig. 4.12 Relationship between inlet pressure and velocity (Setups | and I1)

4.5 Discussion

In Table 4.5, the pore size of the skin layer was calculated from
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_ 4V skin
Tskin = Agki (4-10)
skin

where Agin IS the cumulative pore surface area for pores in the size ranges of the skin

layer.

The cumulative volume of the principle layer is only calculated from the pores with
sizes in range of 0.15-0.23 um, which is smaller than the measured membrane mean

pore size so its real cumulative pore volume should be more than 0.04 cm®/g.

Fig. 4.13 shows an idealised diagram of the membrane structure, which consists of a
thin skin layer and a thick principle layer. Here, T; " is the interface temperature between
the skin layer and the stream it is contacted with, 7" is the temperature between the skin
layer and principle layer, and T, is the interface temperature between the principle layer

and the stream it is contacted with.
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Fig. 4.13 Schematic of the idealised membrane structure and temperature distribution
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4.5.1 Vacuum enhanced membrane distillation

The flux and global mass transfer coefficient increasing with the decreasing pressure on
permeate side was first identified by Cath et al. [144]. Compared with DCMD, up to 15%
increment of flux in the work of Cath et al. and 30% increment of flux in this study
were obtained, when VEDCMD was employed. This observation can be explained by
the diffusion theory. Under the experimental conditions, the pore sizes of the principle
layer and skin layer are estimated as 0.33 and 0.0018 um and the mean free path of
water vapour is 0.11 pm at a feed temperature of 60°C [90], and Kn calculated from Eq.
(2.13) is 0.33 in the principle layer and 61 in the skin layer. Thus, in this experiment,
the transport of water vapour through the membrane can be interpreted by the Knudsen-
molecular diffusion transition mechanism in principle layer and by the Knudsen
mechanism in the skin layer [35, 90], and the flux can be described by:

In skin layer,

8 1
Jskin = Jke = Erskini /WAP (4.11)

In the principle layer,

1 1 1 1 1

=—+—= + - (4.12)
Jprinciple Je  Jm grprinciple%\/mAP (1—1xA'E'DRL’I{B)AP
Because in this case, the diffusivity in the pores can be described by:

—5712.072

DAB — 1.895><10P T (4.13)
and assuming it is an ideal gas mixture in the pore,
X, = P?A (4.14)
We derived:

-5 K
J. = 1.895x10~571.072 ) iAP (4.15)

(Ppore_PA)R bt

where AP is partial pressure difference across the membrane layer, and xa and Pa are

mole fraction and partial pressure of water vapour in the pore.

As depicted in Fig. 4.1 and discussed in force balance at the pore entrance in Section
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4.2.1, when the stream pressure is lower than the total pressure in the pores, the air in
the pores will bubble out until the pressures in the pore and the low pressure side are
again balanced. Therefore, if the permeate pressure decreases, the total pressure in the
pore will decrease. From Eqgs. (4.11)-(4.15), it was found that Ji is a function of
temperature and vapour pressure, and Jy, is a function of temperature, vapour pressure
and total pressure in the pores. Because the vapour pressure will only change with
temperature under the experimental pressure range (shown in Fig. 4.12), Ji will not be
affected by the pressure decrease on the permeate side. However, J,, as represented in
Eqg. (4.15) will increase as the total pressure in the pores reduce with decreasing
permeate pressure. Thus, in VEDCMD, the increase of global mass transfer results from

a faster molecular transfer mechanism under lower pore pressure.

4.5.2 Influence of asymmetric structure of hollow fibre membrane on flux
4.5.2.1 Mass transfer resistance analysis

The experimental results show that the flux of the hollow fibre module was not only
affected by the temperature, velocity and negative pressure as generally accepted for
membrane distillation [3], but also by the channel that the hot feed stream flowed
through. This is seen in Fig. 4.9a, where flux from Setup Il is nearly four times of that
from Setup | under the same temperature and velocity conditions. In Fig. 4.10a, Setup 11
still produced more than twice the flux of that from Setup | at the same temperature,
although the hot feed velocity in Setup | was more than four times of that in Setup II.
The reason for this phenomenon can be explained by the asymmetrical structure of the
hollow fibre. According to [145], the resistance of composite membranes to mass

transfer can be represented by:

1 1
Ryembrane = Rskin + Rprinciple = + (4.16)

Cskin Cprinciple

Combining with Eq. (2.19), as it is a hollow fibre membrane, the membrane thickness

used is the logarithmic mean value. Therefore,

Rprinciple __ r_gkingskin'dpo ln(dpo/dpi)tprinciple (4 17)

- a
Rgkin dso In(dso/dsi) tskin Tprinciple€principle

The porosity can be calculated from the cumulative volumes of each layer as, for
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example, the porosity of skin layer can be calculated as

Vskin
Eskin = =75 4.18
skin 71'(dsz'o_dgi)lfibre ( )
Therefore,
2 2
Rprinciple — rsakin Vskin ln(dpo/dpi) dpo(dpo_dpi) tprinciple (4 19)
Rskin rgrinciple Vprinciple ln(dso/dsi) dso(dgo_dgi) tskin

where Rmembrane, Rskin @Nd Rprinciple are the mass transfer resistance of membrane, skin
layer and principle layer, Csin and Cprinciple are the mass transfer coefficients of skin
layer and principle layer, ds, and ds; are the outer and inner diameters of the skin layer,
dpo and dy; are the outer and inner diameter of the principle layers, rsin and rprinciple are
the pore sizes of the skin layer and principle layer, and Vin and Voprinciple are cumulative

pore volumes of pore size ranges respectively in skin layer and principle layer.
4.5.2.2 Heat transfer resistance analysis

Based on the data listed in Table 4.5 and using Eq. (4.19), it can be estimated that the
mass transfer resistance of the skin layer is at least about 1-140 times that of principle

layer, depending on the value of a.

According to Eqg. (2.6) and Fig. 4.13, the heat balance of the two layers can be

represented as,

Askin r_ . _ Aprinciple r__ L
dso In(dso/dsi) (Tl T ) +]skalatent - dpo ln(dpo/dpi) (T Tz) +]prmczpleHlatent (420)

where ds, (1640 pm)=~dy, (1635 um) and flux is calculated based on the outer surface, so

]principle = Jskin (4.21)
Therefore,

Ty T/ — Aprinciple  dso In(dso/dsi) (4 22)
TI=T,  dpoIn(dpo/dp;) Askin .

Assuming the skin layer and principle layer are prepared from the same material, based

on Eqg. (2.4) and the parameters of each layer:

T, T/ _ AairéprincipletAprinciple(1—Eprinciple) . dso In(dso/ds;) (4 23)
T’_TZI Aair€skintAskin(1—Eskin) dpo ln(dpo/dpi) '
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The conductivity of solid material is greater than that of air in general, and from Fig.

4.7, it can be found that the principle layer is more porous than the skin layer, so

Aqir€principlet Aprinciple(1—Eprinciple) <1 (4 24)
AqiréskintAskin(1—Eskin)

Therefore, based on the inner and outer diameters of the skin layer and principle layer, it

can be estimated:

T{—T! 1

TI-T} <7 (4.25)
Because
T} =Ty > |T" = T] (4.26)
Derived
ITi = T'| < 55 1Ti = T3] (4.27)

In this study, depending upon the velocities, the average bulk stream temperature
difference between the hot side and cold side was 29-35°C at cold and hot inlet
temperatures of 20 and 60°C respectively. The average bulk stream temperature
difference was 52°C at cold and hot inlet temperatures of 20 and 86°C with a feed flow
velocity of 0.4 m/s. Therefore, according to Eq. (4.27), the maximum theoretical
temperature difference across the skin layer is less than 0.31°C, even when assuming the
polarisation coefficient equals 1. Fig. 4.14 represents the vapour pressure difference
across the skin at a temperature difference of 0.31°C (T1’<7T”), in which the vapour
pressure is given by Antoine equation [9, 146]. From this figure, it was found that the
vapour pressure difference across the skin layer at T;=60°C is 6.4 times of that at
T1'=20°C. Thus, if the skin layer contacts the cold permeate, the vapour pressure across
the skin layer will be much smaller than that when contacting the hot feed. Therefore,
based on Eq. (2.19), the permeate flux across the skin layer will be much smaller, if the

cold permeate rather than the hot permeate contacts the skin layer.

Based on this theory, the bow shaped flux and global mass transfer curves of Setup I in
Figs. 4.11a and 4.11b can also be explained. In this experiment, increased cold stream

velocities reduced both the boundary layer thickness and the surface temperature of the
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skin layer. At lower velocities (<0.22 m/s), where the boundary layer on the cold side is
still an important mass transfer barrier, the flux will increase with the thinning of the
boundary layer. However, at higher velocities (>0.22 m/s), the resistance of the
boundary layer to mass transfer will not change significantly with the increasing
velocity, while lowering the temperature of the skin layer will reduce the vapour

pressure driving force across the skin layer so as to cause a decrease in flux.

800
700

600 -

400

Vapour pressure difference (Pa)

200 -

100

0.0 10.0 20.0 30.0 40.0 50.0 60.0 70.0 80.0 90.0

T(C)

Fig. 4.14 Vapour pressure difference across skin layer at different temperatures
(AT=0.31°C)
In comparison, it was also observed that the gradient of Setup Il (Fig. 4.11b) started to
stabilise at velocities higher than 0.22 m/s. In this region, the global mass transfer
coefficient increased linearly with velocity in Setup 111, while the global mass transfer
coefficient for Setup | decreased at these velocities. The increase in the global mass
transfer coefficient for Setup Il is due to the effect of increasing negative pressure in

the permeate stream overriding the lower skin temperature.

According to this finding, the greatest flux should be achieved when the hot feed is
closest to the high mass transfer resistance skin layer and the permeate stream has

negative pressure. For this particular membrane, this requires the hot feed to be placed
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on the shell side and the cold flow under negative pressure on the lumen side. This
condition may lead to collapse of the membrane used in this study, because the hollow
fibre had a large diameter (force applied on the membrane is square ratio to the hollow
fibre diameter) and was found to be fragile in the material property tests. Therefore, if a
high resistance skin layer could be formed on the lumen side rather than the outer wall,

the performance of the hollow fibre membrane will be improved in VEDCMD.

The analysis also showed the global mass transfer coefficient to be a better parameter
than flux for comparison of MD membranes, as it was less sensitive to the effect of
variations in operating temperatures and is therefore more dependent upon material

properties.

4.6 Summary

The performance of asymmetric hollow fibre membranes in DCMD was assessed based
on the variation of temperatures, Reynolds numbers, flow velocities, stream
configuration, and the degree of cold side vacuum pressure in the hollow fibre module.
Flux was calculated based on the outside surface area of the hollow fibre membrane,
irrespective of the direction of permeate transport as the skin layer was the dominant

mass transfer layer.

The membrane showed different performances when the hot feed passed through
different sides (lumen and shell sides) of the membrane. In this study, the highest flux
was 19.2 L.m?h™?, when the feed flowed through the shell side with a velocity of 0.4
m/s and the inlet temperatures on the cold side and hot side were 20°C and 86°C
respectively (without vacuum pressure on the permeate side). The variation in
performance can be attributed to the asymmetric structure of the membrane, and the

exponential relationship between vapour pressure and temperature.

Global mass transfer coefficients were calculated to evaluate the performance of the
process under different conditions. The use of the global mass transfer coefficient
removes the temperature dependence of the flux measurements, and so provides a
means to study the polarisation effects. This was confirmed by the experimental results
which showed that the global mass transfer coefficient at high velocities remained

approximately constant as the hot feed temperature increased from 30 to 86°C.
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Therefore, the global mass transfer coefficient is a better parameter than flux for the
comparison of MD membranes, as it is less sensitive to the effect of variations in

operating temperatures and is therefore more dependent upon material properties.

Negative gauge pressure on the cold side boosted the flux by reducing the pressure
within the pores and thereby increasing the rate of mass transfer through the pores.
However, the rate of increase in flux reduced at higher vacuum pressures indicating that
there is a diminishing return for flux at higher negative pressures beyond -12 kPa (feed
velocity>0.22 m/s), due to the skin layer effect. A non-compressible hollow fibre would
be advantageous for high flux hollow fibre MD, as it would enable a negative pressure

to be employed in the permeate stream on the lumen side.

The results show that salt rejections higher than 99% can be achieved even at very high
feed velocities, due to the large inner diameter of the hollow fibre membrane and the

small pore sizes at the skin layer.
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Chapter 5 Effect of applied total pressure on the

performance of PTFE membranes in DCMD

5.1 Introduction

As was found in the theory section of Chapter 4, pressure change in membrane pores
will theoretically affect the mass transfer mechanics across the membrane. In this
Chapter, a series of experiments were designed to determine the influence of the total
pressure on the flux. However, for an incompressible membrane, it was found that the
positive pressure in the streams will not change the pore pressure from the force balance
analysis of the pore entrance in Chapter 4, so the flux will not vary with positive

stream pressure changes in this case.

For a compressible membrane, the membrane volume will be reduced as the pressure
applied on the membrane surfaces is increased. As the membrane solid material is
flexible but not compressible in the tested pressure range, the reduced membrane
volume is identical to the pore volume reduction. Providing no air escapes, the pressure
in the pores will increase based on the ideal gas law, so the flux will change with
positive stream pressure applied on the membrane. Furthermore, the deformation of the
membrane also leads to a change of porosity, thermal conductivity, pore size, and

membrane permeability, which all also affect the membrane flux.

In this Chapter, compressible PTFE flat sheet membranes and incompressible hollow
fibre membranes were tested in DCMD configuration. As mentioned in Chapters 2 and
3, PTFE is an ideal material for membrane distillation membranes. The PTFE
membrane employed in this study is formed by dual-direction (longitudinal and
transverse) stretching and lamination on a PP scrim support layer. It has a web-like
structure composed of interconnected fibrils and is compressible under pressure. Hollow
fibre membranes (used in Chapter 4) with an incompressible wall, were also selected
for comparison and verification with the theoretical analysis in Chapter 4 of stream

pressure on flux for incompressible hollow fibre membranes.
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5.2 Force balance analysis at pore entrances

Fig. 5.1 shows the force balance at the entrances of the pores. The force balance at the

pore entrances can be expressed as,

Prp) =~ 4 Brore (5.1)
where Ps and P, are respectively the positive gauge pressure of the feed and permeate
streams and set to be approximately equal, in which the greater pressure is used in this
equation, F is the force due to surface tension and can be calculated from Eq. (4.1), and
0’ is the angle between the water protrusion and membrane material. Additionally, 9’
cannot be more than the contact angle 8 of the membrane material, and the initial Ppore

equals zero gauge pressure (atmospheric pressure).

If the membrane is not compressible, in considering Fig. 5.1 and the analysis in
Chapter 4.2.1, it can be assumed that the pressure in the pore will remain almost
constant under varied positive P; and P, because the air volume will not change
significantly [50]. Thus, for the incompressible membrane the force balance can also be
expressed as,

F.
Pripy = (5.2)
where F;is the force from the membrane material.

For compressible membranes, the total volume of the membrane will reduce when P
and/or P, are applied to the membrane. Since the volume of the solid membrane
material will not change as the pressure is increased (ie. incompressible material over
the applied range), the membrane porosity (¢) or air volume (Vi) within the membrane
is reduced. As shown in Fig. 5.1 and Eq. (5.1), if the air within the membrane cannot
escape from the pores, the air pressure in the pore will increase. For the compressible

PTFE membrane employed in this paper, the force balance can be described as;
PrpyA = Fs + ByoreA€surrace, OF

P -
Poore = ~L)Feld (5.3)

Esurface

Therefore, the pressure (Ppore) in the pores will change with maximum positive pressure
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(Ps and/or Pp) applied on the compressible membrane.

Hot flow
—
F F
Pf Pf

| !
‘Fs T T I T T I Membrane

material

P Vair P Vair /

T/ P P T

Cold flow

Fig. 5.1 Schematic of force balance in the pore

5.3 Experiment

5.3.1 Membrane characterisation

The PTFE membrane (Changqi Co. Ltd) consisted of a compressible PTFE active layer
(nominal d=0.5 pum) and an incompressible polypropylene (PP) scrim support layer. The
hollow fibre (ID=0.94 mm, OD=1.67 mm) was made of fluorinated polymer with a

nominal pore size of 0.3 um.
5.3.1.1 SEM characterisation

Both the cross section and the surface of the active and support layers of the PTFE

membrane and the cross section of the hollow fibre membrane were observed by a
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Philips XL30 FEG Scanning Electron Microscope (SEM). Both membranes were
fractured following immersion in liquid nitrogen to form an intact cross section [48]

before it was scanned.
5.3.1.2 Air permeability measurement

The pore size (d) and /bt of the PTFE membrane were estimated by a gas permeability
method [35] using compressed nitrogen mentioned in Chapter 3.2.1.4. The pressure
was varied in the range of 5-80 kPa. Six samples (@ 25 mm) from different parts of a
large membrane sheet (0.25x40 m?) were tested, and the average value was used to
assess the performance of the PTFE membrane. The calculated results are listed in
Table 5.1.

Table 5.1 Calculated pore size and ¢/bt from fitting equations in Fig. 5.2

Sample 1 2 3 4 5 6
d (um) 0.44 0.43 0.43 0.46 0.49 0.47
e/bt (x10%) 2.88 2.23 2.91 2.49 1.93 1.87

5.3.1.3 Active layer porosity and thickness measurement

The porosities of the membranes were measured by a wetting method. As discussed in
Chapter 3, the density of a polymer varies across a certain range. If the mean density
from the reference is used for the calculation of a single parameter, for example the
membrane porosity as seen in Chapter 3, the error (<3%) caused by the variation is
acceptable. However, if the mean referenced density is used as basic data for a series of

calculations, the error will become unacceptable because of the accumulation of errors.
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Fig. 5.2 Results of gas permeation test

To identify the PTFE density used for the active layer, the mass (1.8 g) of an active
layer sample was first weighed. The volume of this sample was measured with a wetting
method: the active layer sample was placed in a 25 mL volumetric flask (A), acetone
was used as wetting agent and was filled up to the 25 mL mark; the flask was sealed and
processed in an ultrasonic vibrator to enable the acetone to fully wet the active layer and
remove air within the pores completely; the flask was allowed to cool to room
temperature (23°C), and more acetone was filled up to the mark of the volumetric flask.
To determine the density more accurately, another 25 mL volumetric flask (B)
containing only 25 ml of acetone was subjected to the same process to measure the

density of the acetone under the same condition. In this process, the masses of the flasks
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and the membrane active layer were measured by an A&D balance (HR-200). The

density of the active layer was calculated base on the mass balance,
mflask(A) = pPTFEVPTFE + Pacetone Vacetone’ and

Meiask(B) = Vflask X Pacetone (5.4)

where Myaska) and Maask(e) are the masses within the flasks (A) and (B), perre and pacetone
are densities of PTFE and acetone, Vprre, Vacetone @Nd Viask are volumes of PTFE active

layer, acetone in flask (A) and flask.

SO

Mflask(B) (5.5)

pPTFEI’PTFE = Msiask(a acetone
174
flask

Because

Mprrg = PprreVerre aNd Vigse = Vacetone + Verre,

Vfiask(Mfiask(4)~MPTFE) (5.6)

Verre = Viask — Mflask(B)

where mpree IS the mass of the PTFE active layer sample.

Therefore, the density of the PTFE can be calculated by:

PpTFE = r;:TT:z (5.7)

The density of the support (scrim) layer psupport Was also measured by a similar method,
except that water was used as the wetting liquid instead of acetone.

As seen in Fig. 3.7, part of the scrim is embedded in the active layer, so it is necessary
to find a method for calculating the mean thickness instead of using the SEM. To reduce
the error of measurement, two large pieces of PTFE membranes including support layer
(Mmembrane=0.35 and 0.84 g) with areas A=124.9 and 297.7 cm? were used to determine
the porosity and the mean thickness of the PTFE active layer, and the average value was
used in this study. The sample was weighed first, and then was submerged in deionised
water in a 100 mL volumetric flask (C), and flushed for 2 min to remove air trapped in
the scrim opening. Another 100 mL volumetric flask (D) was also used to determine the
density of the deionised water. The total membrane volume (Vmembrane) Was calculated
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based on the Eq. (5.6). The weight (Msypport) OF the support (scrim) layer was also
measured after the active layer was removed and the volume of the support layer was

calculated by:

__ Msupport
Vsupport - (5'8)
Psupport
SO,
Vorre = Vinembrane — Vsupport (59)

Therefore, the mean thickness of membrane can be calculated by

b = ZEIEE (5.10)

and the porosity can be calculated as,

Mmembrane Msupport (5 ll)

e=1-
(Vmembrane_Vsupport)PPTFE

where Mmembrane @Nd Vimembrane are total membrane weight and volume, and mgypport and

Vsupport are support layer weight and volume, respectively.

The porosity and density of a hollow fibre membrane sample (0.15 g) were also
measured with the same methods as those used to determine the properties of the flat

sheet membrane.

5.3.2 Membrane deformation measurement

Fig. 5.3 shows the apparatus for measuring volume change under different pressures.
Two PTFE membrane samples (Vimembrane = 0.77 and 1.91 mL) and one hollow fibre
membrane sample (Vmembrane=0.50 mL) were tested. The testing pressure was in the
range of 0-60+5 kPa. A pipette with an accuracy of 0.01 mL was used to measure the
volume change (47) under different pressures. The membrane was placed in a
volumetric flask filled with deionised water, and was subjected to flushing for 2 min to
remove air trapped in the scrim opening; a pipette with silicon tubing thereon was
carefully inserted into the volumetric flask till the silicon tubing sealed the clearance
between the flask and pipette completely; the seal was rechecked to confirm no air
bubbles were left in the volumetric flask. The volume change was recorded after the
membrane had stabilized under the testing pressure for 1.5 min. To reduce the
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systematic error associated with the compression of the silicon tubing seal in these tests,
two blank experiments (no membrane in the volumetric flask) were also run under
different pressures on different days to form a blank calibration curve of the volume
change (4Vwiank) under applied pressures in the range of 10-60+£5 kPa, and an equation
fitting the blank data curve was used to calculate the blank volume change for each
pressure in the membrane deformation tests. The deformation of the support layer was
assumed negligible under the test pressure, and therefore the difference between A7 and
the calculated volume change in the blank test was used as the volume change of the

membrane:

AVimembrane = AV — AVpiank (5-12)

where AVembrane 1S the volume change of the membrane.

Pressure gauge —L

Pressure buffer \ | o
tank / ]

Pipette

Silicon seal
—/

Monometer

Nitrogen cyliner

Fig. 5.3 Schematic of membrane deformation measure measurement

The blank volume change at different pressures is shown in Fig. 5.4. Although these
tests were done on different days before the membrane compression tests, the blank
volume change was similar for any given pressure and therefore, it is applicable to use

the fitted equation shown in Fig. 5.4 to calculate AVyank for different pressures.
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Fig. 5.4 Volume change under different pressures in blank experiment

5.3.3 DCMD experiments

A schematic diagram of a flat sheet DCMD process for the PTFE membrane is shown in
Fig. 5.5. This flow chart is similar to the one shown in Fig. 3.5, except for the two
pressure control valves that were placed at the outlets of both streams and were used to
control the pressures in both streams. Additionally, four pressure detecting ports were
installed at the inlets and outlets of hot and cold streams. All experiments were
conducted with identical pressures and velocities of the feed and permeate streams by
adjusting the valves. To reach the targeted pressure, the pressure control valves on both
sides were adjusted simultaneously, and a maximum difference between the both
streams was controlled to less than 2 kPa at any time in this procedure, to avoid air

escaping from the pores due to unbalanced pressure.

The influence of pressure variation on flux at different velocities was studied. The
selected stream velocities were 0.079, 0.097 and 0.115 m/s (420, 520 and 620+10
mL/min), and the cold and hot inlet temperatures were set at 20 and 60°C.

The effect of pressure variation on flux at different hot inlet temperatures was also

investigated. The selected hot inlet temperatures were 50, 60 (the same experiment as
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the above study conducted at 0.097 m/s) and 70+2°C. The cold inlet temperature was

set at 20+1°C, and the cold and hot stream velocities were set at 0.097 m/s.
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Fig. 5.5 Schematic diagrams of the employed DCMD process

The study was divided into five experimental series. Five pressures were tested in each
experimental series, which were in the ranges of 0-10, 10-20, 20-30, 30-40, and 40-50
kPa. For each series, a new membrane with an area of 169 cm? (13x13 cm) was used.
Before the experimental data were collected, the new membrane was conditioned with
the pressure control valves fully opened for 3 h at stream velocities of 0.097 m/s and hot
and cold inlet temperatures of 60 and 20°C. In the experiment, the pressures (inlet and
outlet) were recorded every half and/or one hour with the digital monometer (645, TPI),
and the mean value was used as the pressure applied on the membrane in the calculation.
The recorded pressure variation of each detecting port was less than £3 kPa during each
experiment. Under each applied pressure, the flux was measured over the experimental

period of 2.5-4 h and the variation of flux over this period was within £5%.

Table 5.2 Data of the tubular hollow fibre module

Length Inner diameter .
Hollow fibre number
(mm) (mm)
200 6.63 12

Five similar series of experiments were also conducted with a hollow fibre module for
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comparison with the flat sheet membrane. The properties of the fibre are the same as
those listed in Table 4.4. Data of the hollow fibre module is listed in Table 5.2.

5.4 Results and discussion

5.4.1 Analytical results and discussion

Table 5.3 lists the measured PTFE and hollow fibre membrane properties. The

measured pore size of the PTFE membrane was similar to the nominal pore size

provided by the manufacturer (0.5 um). From this table, the calculated tortuosity (t) was

1.10, which is similar to the reported data [75, 130]. Since the hollow fibre membrane

was only used for comparison purposes, it was not characterised by the gas permeation

test.

Table 5.3 Properties of membrane

d & b PPTFE Pscrim /bt
Membrane 3 3 1
(um) (%) (kM) (kg/m”)  (kg/m”) (m™)
Flat sheet  0.45+0.05 94+0.5 36+1 2.29 0.88 24,000+7,000
Hollow
_ 0.33 85 0.67 2.01 / /
fibre

Images of the PTFE active layer are shown in Figs. 5.6a and 5.6b. The PTFE active

layer has a networked structure, in which fine fibrils were connected to each other at

nodes and all the pores are interconnected. The SEM images of the hollow fibre are

shown in Fig. 4.7.
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Fig. 5.6 Images for membrane structures
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5.4.2 Deformation results and discussion
5.4.2.1 Thickness measurement of active layer under different pressures

The two PTFE membrane samples used in the volume change experiments were
different in size, so the absolute volume changes of these samples were not directly
comparable. It was assumed that the pressure was applied evenly on the membrane
surface and that the scrim layer was not compressible. It was also assumed that the
active layer was only compressible in the cross sectional direction (normal to the
surface), which is reasonable given that this is the largest surface area and hence
contributes the most to the deformation. Thus, changes in the active layer thickness for
the two membrane samples should be identical under the same pressure. As only the
active layer is compressible, AVmembrane 1S €qual to the volume change of the active layer
(AVprre). Therefore,

Ab = AVP% (5.13)

where Ab is the thickness change of the active layer, and AVpree is the volume change

of the active layer.

14 T y=2.09E-03%2- 3.24E-01x - 1.08E-02
R2=9.91E-01 .
-12 + 'S =
-10 4
T
= W Sample 1
2 -6
¢ Sample 2
-4
-2
0 } } } } |
0 10 20 30 40 50 60 70

Pressure (kPa)

Fig. 5.7 Thickness change under different pressures for the PTFE membranes
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Fig. 5.7 shows that the values of Ab from different membranes were similar across the
pressure range. This also validated the methods used in measuring the membrane
thickness changes since the two set of data were from two membranes of different sizes.
A fitted polynomial curve presented in this figure was used to calculate Ab for different

pressures in modelling calculations.
5.4.2.2 Comparison of compressibility of PTFE and hollow fibre membrane

The volume change ratio of the PTFE membrane and hollow fibre membrane under

pressure are shown in Fig. 5.8.

| ®PTFE membrane

®e

30 4 MHollow fibre membrane

-25 +

20 T

AV/Va (%)

-15 +

-10 T U'S

Pressure (kPa)

Fig. 5.8 Ratio of volume change to total active layer volume under pressure

Fig. 5.8 shows that as the applied pressure was increased from 12 kPa to 63 kPa, the
volume reduction increased from 10 to 34% for the PTFE active layer, and volume
change of the hollow fibre membrane was not detectable. Therefore, the PTFE
membrane and the hollow fibre membrane can be considered as compressible and

incompressible membranes respectively over the pressure range considered.

According to the force balance analysis of the compressible and incompressible
membranes, the air pressure in the pores of the hollow fibre membrane does not change

as the applied pressure was increases from 0-63 kPa, while the air pressure in the PTFE
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membrane pore increases as the pressure applied on its surface is raised.
5.4.2.3 Calculation of pressure in the pores

Eq. (5.3) shows that the pressure in the pores of a compressible membrane will not
equal the pressure applied on the membrane surface, due to the extra support force (Fs)
from the active layer material (PTFE). However, since the volume of the active layer
material will not be compressed under the test pressures, the membrane volume change
(AVmembrane OF AVprre) IS from the compression of air in the membrane pores. Therefore,
AVmembrane OF AVpree IS caused by and equals the air volume change. Because the air in
the pores can be assumed as an ideal gas in this low pressure range, the air pressure in
the pores (Ppore) Can be estimated from the measured AVpmembrane @and the ideal gas law
[147]. Fig. 5.9 shows the relationship between the applied pressure and calculated
pressure in the pores. From this figure, it was found that the pressure in the pores was
approximately 94% of the applied pressure on the membrane surface over the

investigated pressure range.

70 T
B Calculated pore pressure-Sample 1
60 T
# Calculated pore pressure-Sample 2 ]
T 50 T
=
(]
5 40 T
2‘ Ppore = 0.94X
@ 30 + R2=0.9834
=2
a
2
& 20
10
0 } } } } } } !

0 10 20 30 40 50 60 70

Pressure appied on membrane surface (kPa)

Fig. 5.9 Applied pressure vs calculated pressure in the pore of PTFE membrane
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5.4.2.4 Estimation of pressure influence on membrane properties

As the active layer was compressed under higher pressure, the porosity (¢) of the active

layer is reduced. The membrane porosity can be calculated from:

€= =N (5.14)

where N is the nominal pore number.

Therefore, based on Eq. (5.14), d’ is reduced at higher pressure, as the tortuosity is
assumed not to reduce under higher pressure, the pore diameter will become smaller
because the void volume in the active layer is decreased, while the incompressible solid

material retains its volume.

According to Egs. (5.10) and (5.14),

—_"% _ /‘“ﬁ
by = A(1-¢p) and d,, = Nmty,’
As shown in Egs. (3.4), (4.11) and (4.15), membrane gas permeability can be

determined from

dpé'p — dpsp(l_sp)A — C 8%7‘5(1_817) 5 15
bot, Vet - *~0 t, 15 ( ' )
p'p stp 14

where dp, by, t; and g, are pore size, membrane thickness, tortuosity and porosity under
pressure P, Vs is the volume of PTFE material in the active layer which will not change

under different pressures, and Cy is a constant for a given membrane.

In Fig. 5.10, &,">(1-¢,) shows an inverse trend with the porosity of the employed PTFE
membrane in the tested pressure rang. However, it is difficult to estimate the tortuosity
change as the membrane was compressed. Two assumptions exist in the literature: the
first is that the tortuosity (t,) will not change with pressure and as a result, the change of
gas permeability with pressure can be expressed by

‘;i—j;’ = CoelS(1—¢,) (5.16)

which increases with increasing pressure (the porosity decreases with pressure).
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Therefore, in the tested pressure range, the compaction of the membrane will increase

the gas phase diffusion through the membrane.

02 T
0.18 T
0.16 T
0.14
0.12 T

01 T

£1.5(1_£)

0.08 T
0.06 T
0.04 T
0.02 T

0 f } } } } } } |
0.6 0.65 0.7 0.75 0.8 0.85 0.9 0.95 1
Porosity

Fig. 5.10 &,"(1-¢,) Vs porosity variation

The second assumption is that the gas diffusion path length (bpt,) will not change with

membrane deformation, and applying this assumption to Eq. (5.15) leads to

1.5
2B — (—E (5.17)

bptp 0 (1_£p)0.5

This equation predicts that the compaction of the membrane will cause a decrease of gas

phase diffusion.

It can be speculated, based on the interconnected and networked structure shown in Fig.
5.6a and 5.6b that as the membrane is pressurised, the nodes and fibrils will move in the
direction normal to the membrane surface and overlap like two nets. This geometry
suggests that the nominal pore channel will be shortened and the tortuosity will not vary
significantly. Therefore, the first assumption can describe the behaviour of compressed
PTFE membrane more accurately than that of the second assumption in this study. The
first assumption is also supported by the estimated tortuosity of 1.10, which indicates

that the pore is aligned almost perpendicularly to the membrane surface. Hence, the
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permeability of the compressed membrane will increase as shown in Fig. 5.10, due to
the shortened mass transfer path. Furthermore, an increase of gas permeability through a
more compact membrane used for membrane distillation was also observed by Lawson,
K.W., etc. [68, 148], from which it also can be deduced that the percentage increment of
tortuosity is less than the percentage increase of apl's(l-gp) as the membrane was
compressed. Therefore, the mass transfer resistance of the membrane will decrease as

the membrane is compressed in the pressure range investigated here.

However, membrane distillation is also a thermal process, and the thermal resistance of
the membrane is related to the vapour flux. Based on Eq. (2.4) for the calculation of

thermal conductivity, the membrane thermal resistance can be expressed as

— Do _ by
Rp B Ap B Aqirép+Asoria(1—¢p) (5.18)
where R, and 4, are the thermal resistance and thermal conductivity of the membrane

under pressure P.

As shown in Fig. 5.11a, the membrane thickness and porosity were reduced by 34% and
36% as the pressure increased from 0 to 63 kPa. Accordingly in Fig. 5.11b, 4, calculated
from the reported thermal conductivity values of air (1,;=0.026 Wm™K™) and PTFE
(Aprre=0.25 Wm™K™) [3] increased 1.8 times from its initial value (), and R, reduced

to less than a quarter of the initial value (Ro).

The heat transfer coefficient (/) in Fig. 5.11c increased from 1.1 to 4.3 kW/mZ.
Therefore, the sensible heat loss at 63 kPa is four times of that at 0 kPa for the same
temperature difference across the membrane. As the input total heat energy is identical
at the same inlet temperatures and flowrate, less thermal energy will be utilised for
water evaporation under higher applied pressure because of the reduced resistance to

sensible heat transfer.
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c. Heat transfer coefficient changes under different pressures

Fig. 5.11 Thermal properties changes under pressure

From the analysis of a pressurised membrane, it can be concluded that the shortened
mass transfer path with little change in tortuosity inclines to increase the flux due to the
shorten diffusion path, but the increased pressure within the pore and the increased
membrane thermal conductivity tend to reduce permeate flux by increasing the mass

transfer resistance and/or reducing the energy efficiency.
5.4.2.5 Estimation of mean membrane mass transfer coefficient (Cmembrane)

To assess the influence of pressure more accurately, the mean membrane mass transfer
coefficient was estimated through the experimental data and the energy balance on the

hot side as shown in
JHygtentA = meATf - AATinterfaceA/ba or

. AA
ATinterface = (JHiatentA — meATf)/(T) (5.19)

where AT; is the temperature change between the inlet and the outlet on the hot side,

ATinterface 1S the mean pore interface temperature difference between the hot side and
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cold side, m is the feed mass flowrate, and C,, is the specific heat capacity. mC,ATy is
the total heat loss of the feed, A44 Tinterface/b IS the sensible heat loss, and JAHaten: IS the
evaporation heat. In this equation, JAHaen: and 7mC,AT; can be calculated based on
experimental results, and A/b can be calculated based on the equation in Fig. 5.11c, so
the ATinerface Can be calculated. The mean temperature polarisation coefficient can be
calculated from [5, 142],

— ATinterface (5.20)
ATy r

where 7 is the mean temperature polarisation coefficient, and ATps is the mean
temperature difference between the hot and cold flows, which can be obtained from the
experimental results. Since a;(Tf — T;) = a,(T, — T,) and the convective heat transfer
coefficients (a4, ap) on both sides will be similar because both sides are at the identical
hot and cold stream velocities and the average temperature difference between both

sides is not great (~20£5°C), it can be derived,

T, +Tr =T, + T, and

T, =~ Tp+Tf+ATinterface T
1= 2 y 42

IR

Ty+T ¢—AT;
pTlf therface (521)

Using results from Eq. (5.21) and the Antoine equation, the mean interface vapour
pressures and the interface vapour difference between the hot side and cold side can be
calculated, from which the mean membrane mass coefficient can be calculated using Eqg.
(2.19).

5.4.3 DCMD experimental results and discussion
5.4.3.1 Experimental results for incompressible hollow fibre membrane

Fig. 5.12 shows the relationship between the flux and applied pressure for the hollow
fibre membrane at different stream velocities. The experiments were tested at three
different feed velocities at identical hot inlet temperatures (Tf=60°C) and cold inlet
temperatures (T,=20°C). These figures show that there was no clear increase or
decrease in flux with changes in applied pressure at the same velocity (Fig. 5.12a) , and
that the variation was +4% around the mean value (Fig. 5.12b).
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Fig. 5.12 Hollow fibre flux vs applied pressure at different velocities

(T=60°C, Tpi=20°C)
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Fig. 5.13 Hollow fibre flux vs applied pressure at different feed inlet temperatures

(Stream velocity=0.16 m/s)
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Similar to the results shown in Fig. 5.12, the flux variation with varied pressures at
different temperatures shown in Fig. 5.13b was £5% around the mean value which falls

within the range of the experimental error.

The independence of flux for the hollow fibre membrane to the applied pressure stems
from its incompressible nature, which results in no change of the air pressure in the
pores and membrane properties such as thermal conductivity. These results also agreed
with the theory in Chapter 4, that the pressure within the pore will not change if the
positive stream pressure is applied on an incompressible membrane in DCMD.

5.4.3.2 Compressible PTFE membrane experimental results and discussion

5.4.3.2.1 Effect of applied pressure on compressible membrane at different

velocities

Fig. 5.14 shows the relationship between the pressure and the flux at the same inlet
temperatures and different velocities. The flux at higher velocity is greater than that at
lower velocity under the same pressure. Eqg. (5.15) suggests that the membrane
permeability does not decrease [148] as the membrane is compacted, and therefore it is
the combination of an increase in pore pressure and reduction in thermal resistance of
the membrane that causes the flux decrease. From the slopes of the curves shown in this
figure, it also can be found that the flux decreased faster at a lower stream velocity than
that at higher velocity, due to the greater increment of sensible heat loss at low velocity.
For example, sensible heat loss of the feed from the inlet to outlet can be described as,

: LA
Qsensible = fO b (T, — T,) Wdx (5.22)

where Qensipie 1S the sensible heat loss.

For estimation purposes, the interfacial temperature difference (T1-T2) across the

membrane can be substituted with an average value (ATinterface), SO

. A
Osensivble = ;ATinterfaceWL (5.23)

Therefore, the increase in sensible heat loss for compacted membranes can be described

as,
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. A A
AQsensible =WL (i ATintm‘face,p - ;ATinterface) (5-24)

For simplification, it can be assumed ATinterface=ATinterfacep When the membrane

compression is very small, so

0 A Amembrane
AQsensivie = LWATinterface,p (i - Tb> (5.25)

Therefore, the temperature change due to sensible heat loss after the feed mass passed

the membrane can be described as:

AT . — Lw AT: )L_p _ Amembrane — C_’ A_p _ Amembrane
f,conduction he, interface,p by b v \by b ’
in which:
1h = pvhW, and (' = —Linter/acep
! Cpph
CV
ATf,conduction = ;Aaconduction (5-26)

where h is the hight of the channel, and Aaconduction 1S the change of the membrane heat

conduction coefficient under pressure.

Based on Eq. (5.26), as the membrane becomes more compact, there is a greater
temperature gradient with Aaconguction at lower velocity, which leads to a faster decrease

of flux as shown in Fig. 5.14.
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Fig. 5.14 Flat sheet PTFE flux vs applied pressure

(T=60°C, Tpi=20°C)

In Fig. 5.15a, the temperature difference between the feed inlet and outlet has a minor
increasing trend (from 15.3 to 16.8 at 0.079 m/s, from 13.4 to 13.6°C at 0.097 m/s and

from 13.4 to 14.4°C at 0.115 m/s) as the pressure is increased at constant velocity.

Because the flux decreased as pressure increased, the heat used for evaporation

(JAHatent) Was reduced. Therefore, the increment of the sensible heat 10sS (A4 Tinterface/D)

is almost equivalent to the reduction of evaporation heat (JAHqent), because of the

reduced membrane thermal resistance.
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Fig. 5.15 Changes of thermal conditions under different pressures (T;=60°C, T,=20°C)

(Ts=60°C, Tpi=20°C)

Fig. 5.15b shows the mean ATinertace Calculated from Eq. (5.19) based on the fitting
equation for the heat transfer coefficient in Fig. 5.11¢. ATinterface ShOWS a declining trend
with increased pressure, and reaches a plateau when the pressure is greater than 30 kPa.
Furthermore, in Fig. 5.15c, the mean temperature polarisation coefficient shows a
similar trend to that of ATinterface, SO the pressure increase also causes an increase in the

temperature polarisation.
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Fig. 5.16 Mean membrane mass transfer coefficient under different pressures

The estimated mean mass transfer coefficients of the three membranes are shown in Fig.
5.16 and based on Egs. (4.11), (4.12) and (4.15), the membrane mass transfer coefficient
can also be expressed as

£ dMT1.072
bt 5.685 /2TRMT +4AR (Ppore—P )

Cnebrane = 7.81 X (5.27)

From this figure, it can be found that the membranes used at velocities of 0.097 and
0.115 m/s had similar membrane mass transfer coefficients under different pressures,
but the membrane used for 0.079 m/s shows a much lower Cuemprane than the other two
over all pressure ranges, which maybe due to the difference of membrane sample (there
are great variation found of different membrane sample seen in Table 5.2 and Fig. 5.2).
According to Eq. (5.27), the membrane mass transfer coefficient can be considered as
independent of process parameters in DCMD, so the ATinerface and temperature
polarisation coefficient calculated based on the results at the velocities of 0.115 m/s and
0.097 m/s are comparable under the same conditions. In Figs. 5.15b and 5.15c, less
polarisation and higher ATinerface are found at higher velocity, but the difference is

approaching zero at higher pressure.

In Fig. 5.16, as the pressure is increased, the mass transfer coefficients calculated using
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the interfacial temperature (Eq. (5.21)) showed an increasing trend in the lower pressure
range, and appeared to reach a plateau in the range of 30-40 kPa. This phenomenon may
be caused by a combination of parameter changes at high pressure, and also supports the
assumption that the tortuosity remains almost constant. As according to Eq. (5.27), the
membrane mass transfer coefficient is a function of membrane properties (ed/bt, d),
temperatures (T) in the pores and total pressure in the pores (Ppore). By substituting Eq.
(5.15) into Eq. (5.27), it can be derived,

1.5
&b (1—$p) MT1072
tp™°  5.685V2TRMT+4dR(Ppore—Pa)

(5.28)

Cmembrane = Co

When the pressure is increased, the pore temperature remains almost constant according
to Eq. (5.21) and the conclusions from Fig. 5.15, the increased ,"°(1-¢,) and the
decreased pore size (discussed in Section 5.4.2.4) tend to increase Cpembrane, DUt the
increased pore pressure acts to decrease Crembrane. Therefore, it is the different rates of
change of these parameters with increasing pressure that cause a reduction in the rate of
Cmembrane INCrease. This is demonstrated by the flatter curve in Fig. 5.10 at lower
porosities (higher pressures) indicating that the rate of increase of de/bt as evaluated by
gp1'5(1-sp) is reduced at higher pressures. Additionally, the rate of decrease in pore size
is also reduced at higher pressures, as demonstrated by Eg. (5.14) and Fig. 5.11a
(porosity and thickness pleateaued at higher pressures). The pore pressure, however,
which leads to a decrease in Cremprane, iNCreased linearly with the applied pressure on
the membrane (shown in Fig. 5.9) for the range of pressures tested. For example, as the
applied absolute pressure increased from 121 to 131 kPa (gauge pressure 20 to 30 kPa),
the porosity decreased from approximately 0.79 to 0.73, so there was an 8.3% increment
of pore absolute pressure, a 14.3% increase of de/bt, and a 3.9% reduction of pore size
(Eq. (5.14), assuming tortuosities do not change). However, when the pressure was
increased from 30 to 40 kPa, porosity decreased from 0.73 to 0.68 and there was a 6%
increment of pore pressure, a 5.8% increment of de/bt and a 3.5% reduction of pore size.
As a result, Crembrane remained almost constant for pressures above 30 kPa as shown in
Fig. 5.16.

5.4.3.2.2 Effect of applied pressure on compressible membranes at different

temperatures

Fig. 5.17 shows the flux variation with the applied pressures for different temperatures,
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and demonstrates that the flux was greater at higher temperature for any given pressure.
The slopes of the fitting curves (Fig. 5.17) demonstrate that the flux is more strongly
dependent upon the applied pressure at higher temperature, which resulted from the
exponential relationship of vapour pressure and temperature (the same value of
temperature decrease will cause greater vapour pressure reduction at higher temperature

as shown in Fig. 4.14).
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Fig. 5.17 Flux changed with varied pressures at different temperatures

(Velocity=0.097 m/s)

In Figs 5.18 and 5.19, the trends in the variation of thermal conditions and Cpembrane
with pressure for different temperatures are similar to those for different velocities. In
Fig. 5.19, the Crembrane Values at 70°C and 50°C were the same, but Cremprane Value at
60°C was higher than the other two over the entire range of tested pressures, which

maybe due to the difference between membrane samples.
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Fig. 5.18 Changes of thermal conditions under different pressures

(Velocity=0.097 m/s)

By comparing the curves of membranes with the same Cpemprane Values used at 70°C and
50°C in Fig. 5.18c, a slightly smaller temperature polarisation coefficient was observed
for higher temperatures across the pressure range, which agrees with the findings from
Chapter 3. The difference between the temperature polarisation coefficients for the two
temperatures is reduced at higher pressure, while the difference in ATinterface (Fig. 5.18b)
of different temperatures does not change greatly. A similar effect of pressure on
temperature polarisation coefficients was also observed for different velocities at higher
pressures. However, from Figs. 5.14 and 5.17, it can be seen that the pressure increase
enhanced the flux difference at different stream velocities and reduced the flux

difference at different feed inlet temperatures.
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Fig. 5.19 Mean membrane mass transfer coefficient under different pressures
(Velocity=0.097 m/s)

5.5 Summary

An incompressible hollow fibre membrane and a compressible PTFE membrane were
employed to study the influence of applied pressure on membrane performance in

DCMD for several temperatures and velocities.

From the experimental results, it was found that membranes with incompressible or
rigid structure produce more stable flux than that of compressible membrane under
different pressure. Therefore, it is recommended for manufacturers that membranes with
rigid structure will be more suitable for MD scale-up, due to the more predictable flux
than that of membranes with compressible structures. It is also recommended for
process designers that it is better to reduce membrane length in the flow direction to
avoid greater pressure drops along the membrane, if the compressible membrane is the

choice for design.
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Chapter 6 Mathematical models for direct contact

membrane distillation

6.1 Simple model developed based on the global mass transfer coefficient

6.1.1 Introduction

The previous MD modelling has mainly focused on the overall mass transfer and heat
transfer processes related to membrane properties, i.e. the porosity, pore size, etc. [27,
74, 90, 114], which are important for membrane design but are less so for process
design. Although a model based on engineering measurable parameters is very
important for scaling-up MD, there are very few articles in literature focused on this,
and the previous process models reported only include the dependence of flux on
membrane length of the hollow fibre membranes [149], but did not include that
phenomena for flat sheet membranes. Therefore, the aim of this chapter was to develop
mathematical models suitable for process design and scale up that incorporate the effect

of membrane length, and to experimentally verify the model.

In direct contact membrane distillation, mass transfer (evaporation) is coupled with heat
transfer. Therefore, a complex relation between the heat and mass transferred through
the membrane should be solved to predict the flux from inlet feed temperatures or
membranes of different sizes. From the experimental results (Fig. 4.10b), it was found
that the calculated global mass transfer coefficient did not vary greatly when the
hydrodynamic conditions (turbulence or boundary layer conditions) were constant, but
did vary greatly with different stream velocities (Fig. 4.9b). Based on this finding, a
simple model was developed to predict flux from different temperatures and membrane
sizes using the global mass transfer coefficient obtained experimentally at the same
stream velocity, instead of calculating a local mass transfer coefficient. This model
provides a simple tool to estimate the flux of a large sheet membrane based on results
from small module test results, and can provide an approximate reference point for
designing a pilot module and process. From this model, the temperature profile along

the membrane at a given stream velocity can also be described. Furthermore, it can be
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used as a technique for comparing the performance of membranes (as shown in
Chapter 3).

6.1.2 Simulation and experiment
6.1.2.1 Theoretical analysis of one-dimension model for DCMD

For a given DCMD system, it can be expected that the flux (J) depends on many

parameters and a general relationship can be written as

J=f(4, Tf: Tpr mfr mpr Crmembrane, U) (6.1)

Here, m, and m; are the mass flow rates for the cold side and hot side. .
Additionally, the following assumptions were made to further simplify the model:

1. no heat loss through the module wall to the atmosphere; this is supported by a
calculated heat loss through the wall of less than 3 W, which is less than 1% of
the heat loss from the feed, and no difference in flux or energy efficiency for
experiments with and without thermal insulation,

2. specific heat of evaporation and condensation does not change with
concentration, based on the finding of R.G. Lunnon [150],

3. with a given membrane at a given flowrate, both Cgyjosa and U are constant,

4. there is no temperature gradient across the membrane perpendicular to the flow
direction (i.e. the width direction of the module),

5. in balancing the mass transfer, the mass of the permeate crossing the membrane
can be neglected, based on the experimental finding that the maximum single
pass recovery is 1.1-4% in this study, and

6. in balancing the heat transfer, the sensible heat carried by the permeate can be
neglected, because there is normally less than 3% of the total sensible thermal
energy carried by the vapour transferred to the cold side. For example, based on
the experimental data of this study and calculations in Chapter 5, the
temperature difference between the hot interface and the cold bulk stream is
about 14°C, so the temperature rising due to the sensible heat on the cold side is
less than 0.17-0.3°C (based on the maximum 1.1-2% single recovery), which is

about 1.7-3% of the total heat transferred through vaporisation and heat
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conduction.

According to these assumptions and Eqg. (2.19), the flux can be expressed as:

] = Cglobal(PTf - PTp) (6-2)

where Cgional includes the mass transfer phenomena in the membrane and the boundary

layer.

Fig. 6.1 shows a heat and mass transfer element of a co-current DCMD in a flat sheet
module. In this element, the thermal energy change in the hot side can be described as
Co s (Tris1 — Tri) = —(UHiarenedA + U(T; — T, )dA) (6.3)

where Tt and T¢j+; are temperatures at the i" and (i+1)™ points, and Cp,1 is the specific
heat of feed.

Because dA = Wdx, where W is the membrane width, the relation between the

temperature change and stream displacement can be expressed as,

de — W(]iHlatent"'l'](Tf,i_Tp,i) dx (64)
Cpsmys

Therefore, the feed temperature change after the feed stream passes each element can be

described as,

3816.44
Tf,i+227'02

3816.44
)—EXP<23.1964—Tp'i+227.02>]Hlatent+U(Tf,i_Tp,i)

Cp,friry

Cglobal[EXP<23.1964—

ATf,i = — W Ax (65)

Because Cgyional and U are assumed to be constants, the temperature of the feed stream at

(i+1)™ can be calculated by

Ttiv1 =T — ATy, (6.6)

Similarly, the permeate temperature can be calculated by

m
Tpiv1 =Tpi — m_;ATf,i (6.7)
Thus, the flux at (i+1)™ can be calculated as:

Ji+1 = Cgiobat(Prfiv1 — Prpi+1) (6.8)
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From which the total flux of the membrane can be calculated as

N . N
] — Zl=0;’4’-WAx:Zl=OL]le (69)

The above equations can be solved numerically. For co-current flow, the numerical
procedure is shown in Fig. 6.2. For counter-current flows, an iteration process is

required and the process is shown in Fig. 6.3.

ax
>
ﬁ?f, Tﬁ,’ Heat n.7f; 7-7‘,i+1
q ﬁ
Permeate
i : 2 —
Membrane
mp, Tp,/ / mp, Tp_’+1

Fig. 6.1 Heat and mass transfer element of a co-current DCMD
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Fig. 6.2 Schematic diagram for numerical flux calculation of co-current flow
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Fig. 6.3 Schematic diagram for numerical flux calculation of counter-current flow
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6.1.3 Experimental apparatus and procedure

A schematic diagram of the DCMD process employed in this study is shown in Fig. 3.4.
The feed and permeate were set to identical flowrate and varied in range of 300-800+20
mL/min (0.20-0.53 m/s). The cold inlet temperature was held constant at 20+2°C and
the hot inlet temperature was varied in the range of 40-80£2°C. The feed solution was
made by dissolving 10 grams of sodium chloride in 1 litre of deionised water. Deionised

water was used on the permeate side as coolant.

An Osmonic module with effective flow channel length of 0.136 m and a Perspex
module with flow channel that varied in the range of 0.07-0.13 m were used in the tests.
Two kinds of membranes were tested in this study. The membrane used for the
Osmonics module had a nonwoven fabric support layer, nominal pore size of 1 um,
contact angle of 126°+5 and an effective area of 0.0136 m?; the membrane used for the
Perspex module has a scrim support layer, pore size of 0.5 um, contact angle of 140°+5

and the effective area varied in the range of 0.0091-0.0169 m?.

Each experiment lasted at least 3 h and the mean flux is reported here. The variation of
the experimental flux around the mean value was in the range of £5%. The global heat
transfer coefficients and mass transfer coefficients used in modelling at different
velocities were calculated from the experimental results using Egs. (6.2) and (6.3). Both

counter-current and co-current setups were tested and modelled.

6.1.4 Results and discussion
6.1.4.1 Verification of the modelling results

6.1.4.1.1 Validating the use of the mean global mass and heat transfer coefficients

in flux prediction

From Egs (2.19), and (6.1)-(6.3), it can be found that the mean global mass transfer
coefficient includes both the mass transfer phenomena in the boundary layer and across
the membrane. Although the mass transfer phenomenon across the membrane will only
change with the properties of membrane, the boundary layer will be affected
dramatically by the turbulence promoter (spacer) and stream velocities. Therefore, the
mean global mass transfer coefficient will be also affected, if different membranes,
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spacers or/fand stream velocities are employed. In DCMD, the variations of the
membrane length and temperature will have minor influences on the boundary layer
conditions. Hence, if all the factors affecting the boundary conditions are preset, the
calculated global mass and heat transfer coefficients from Egs. (6.2) and (6.3) can

theoretically be used to predict the flux under this preset condition.

In the model, the local flux of each element was calculated from the mean mass and
heat transfer coefficients based on the fitting equations in Fig. 6.4b, and the total flux
from the modelling was calculated by summing up flux of all elements. However, due
to the variation of the temperature profiles along the membrane, the real local mass
transfer coefficient (function of mean pore temperature) and heat transfer coefficient
(function of fluid viscosity) are different in each element. Therefore, it is necessary to
validate if using mean values of the global mass and heat transfer coefficients instead of

the local values will lead to unacceptable errors.
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AError 3
20 + ).( + 10
< ¢ _
£ +8 &
£ 15 —+ —
- o
3 s 3 g
=]
T % 76
10 + b A
A 4 T4
5 1 A
T 2
A
0 } } } } t 0
0 0.1 0.2 0.3 0.4 0.5 0.6

Feed velocity (m/s)

a. Comparison between experimental and modelling results at different velocities for

counter-current
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Fig. 6.4 Validation of mean global mass and heat transfer coefficients with velocity

(Osmonics Module, 1 pm membrane with nonwoven fabric support)

Fig. 6.4a shows the experimental and predicted results and the errors between them,
which were obtained from a PTFE membrane with a pore size of 1 um using the
Osmonics module. The counter-current mode experiments were carried out at different
flowrates, and the mean mass and heat transfer coefficients at each flow rate were
calculated and used for the model. A maximum error of less than 7% can be found
between the predicted and experimental results, which is comparable with the
experimental variation (£5%). Thus, the mean global mass and heat transfer coefficients
were acceptable for predicting the flux at a given flowrate.
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6.1.4.1.2 Verification of the model at different temperatures
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Fig. 6.5 Comparison between experimental and modelling results at different
temperatures for counter-current setup

(Osmonics module, 1 pm membrane with nonwoven fabric support)

To verify the model, the mean global heat and mass transfer coefficients derived from
the experimental data shown in Fig. 6.4 were used to predict the flux at different
temperatures. In Fig. 6.5, the predicted and experimentally derived flux results from a
counter-current DCMD are shown. The experiments were conducted at different hot
inlet temperatures (40-80°C) and a fixed velocity of 0.4 m/s (600 mL/min), and the
mean global heat and mass transfer coefficients used in the model were calculated from
the experiment carried out at feed inlet temperature of 60°C at 0.4 m/s. Although the
errors became larger as the feed inlet temperature is further from 60°C, the largest
absolute errors were still about 10% and appeared at 40°C and 80°C respectively.
Therefore, there is reasonable agreement between the model and experimental results,
as the mean mass and heat transfer coefficients derived from one temperature are used

in this model to predict the flux at different temperature for a given velocity (ie. similar
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hydrodynamic conditions).

However, variations in the flowrate will produce different turbulence regimes and are
expected to significantly alter the mean global mass and heat transfer coefficients.
Therefore, it is necessary to experimentally build a database of the mean global mass
and heat transfer coefficients at different velocities, from which the mean global mass
and heat transfer coefficients can be selected or calculated from the polynomial curve of
the data for prediction of the flux at different temperatures at a given velocity as shown
in Fig. 6.4b.

6.1.4.1.3 Verification the model with different membrane lengths

The model was also verified with different membrane length. In these experiments, the
Perspex module and a membrane with pore size of 0.5 um and scrim support layer were
used. Both co- and counter-current setups were tested, and, a new piece of membrane
was used for each membrane length test. The mean mass and heat transfer coefficients
used in the model were the same for predicting the co- and counter-current flux, which

were the mean values from all the experiments at given velocities.

Figs. 6.6 and 6.7 show the experimental and modelling results from both co- and
counter-current setups. Although the same kind of membrane was used in the
experiment, greater flux was found from the shorter membrane. Therefore, the length of
the membrane affects the flux from the membrane at given inlet temperatures and
stream velocities, because the shorter membrane will lead to higher mean temperature
difference across the membrane due to the reduced residence time for heat and mass
transfers. As a result, it is not appropriate to assess performance of MD membranes by
flux even under conditions of identical inlet temperature and velocity, if not including

the membrane dimension.

130



Flux (Lh"m-2)

Flux (Lh''m2)

35 — X Experiment — 14

® Model A
30 7 A Error T 12
< X
o
25 + ° ¥ g + 10
A
20 + + 8
15 + + 6
10 + + 4
A
5 1 T2
A
0 } } } } } } 0
0 0.02 0.04 0.06 0.08 0.1 0.12 0.14

Membrane effective length (m)

Fig. 6.6 Comparison between experimental and modelling results for different
membrane lengths in counter-current setup

(Perspex module, 0.5 pm membrane with scrim support)

30 X Experiment — 15
® Model
] X
25 + AError PY + 10
R x
A
20 + +5
15 + A o0
A
10 + + -5
5+ A + -10
0 f f f f f f -15
0 0.02 0.04 0.06 0.08 0.1 0.12 0.14

Membrane effective length (m)

Fig. 6.7 Comparison between experimental and modelling results for different
membrane lengths in co-current setup

(Perspex module, 0.5 um membrane with scrim support)
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The maximum absolute error between the modelling and experimental results in
counter-current setup was 13% from a membrane with a length of 0.09 m; while for the
co-current setup, the largest absolute error was 9% from a membrane with a length of
0.07 m.

6.1.4.2 Mathematical modelling of temperature profile in direct contact membrane

distillation

From the different verifications of the model with different membranes, temperatures
and membrane lengths, the maximum error was less than 13%. This provides some
confidence that the temperature profiles and flux predicted from the model will be
accurate at a given velocity, and the modelling results are based on the global heat and

mass transfer coefficients in Fig. 6.4b.

6.1.4.2.1 Prediction of temperature profile of co-and counter-current DCMD
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Fig. 6.8 Temperature distributions along the membrane for co-current flow

(Feed velocity=0.40 m/s, feed inlet temperature=60°C, cold inlet temperature=20°C)

Figs. 6.8 and 6.9 show the predictions of the temperature profiles of co- and counter-

current DCMD along the stream flow direction. In the co-current setup, the local
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temperatures on both sides of the membrane approach each other at positions further
from the inlet (origin), while for counter-current flow the temperature profiles on both
sides are parallel to each other if their flowrates are identical. From the difference of the
temperature profile, it can be speculated that the flux of co-current mode will decrease
faster than the counter-current mode along the feed flow direction, due to reduced

temperature difference.
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Fig. 6.9 Temperature profile along the membrane for counter-current flow

(Feed velocity=0.40 m/s, feed inlet temperature=60°C, cold inlet temperature=20°C)

6.1.4.2.2 Prediction of temperature difference at difference velocities based on

fitting equations in Fig. 6.4b

When the experimental conditions were applied into the model at different velocities,
there was +0.4°C error between the predicted and experimental temperature difference
across the membrane, which shows an acceptable agreement. Fig. 6.10 shows the
predicted mean temperature difference across the membrane at different velocities using
the mass and heat transfer coefficients calculated from the built database. From this
figure, it was found that the temperature difference increased as the stream velocity

becomes higher. Hence, the flux increment with increased flowrate results from both
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increased global mass transfer coefficients and higher temperature difference.
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Fig. 6.10 Average temperature difference across the membranes at different velocities

(Membrane length=0.145 m, feed inlet temperature=60°C, cold inlet temperature=20°C)
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Fig. 6.11 Flux at different velocities

(Membrane length=0.145 m, feed inlet temperature=60°C, cold inlet temperature=20°C)

In Fig. 6.10, it also can be found that the temperature difference of the co-current setup
is slightly higher than that of counter-current setup. A similar phenomenon was also
found in the experimental results for different membrane lengths (0.5 um membrane
with scrim support) tested at the same velocity. However, a higher flux was found in
counter-current DCMD compared to that of co-current DCMD as shown in Fig. 6.11.
This may be caused by the different temperature distributions along the membrane
between co- and counter-current DCMD. Because the real driving force for the flux is
vapour pressure difference not the temperature difference, the streams with the larger
temperature difference may have less vapour pressure difference. For example, streams
with 10°C temperature difference respectively at 45°C and 35°C have a vapour pressure
difference of 4,000 Pa, and streams with 5°C difference respectively at 60°C and 55°C
have a vapour pressure difference of 4,200 Pa.

6.1.4.2.3 Prediction of flux changes of co-and counter-current DCMD in flow

direction at different feed velocities

Figs. 6.12 and 6.13 show the flux changes along the membrane length at different
velocities. The total flux difference reduced from 4.6 to 2.3 Lm™h™ and from 4.7 to 2.3
Lm2h™ respectively in co- and counter-current DCMD, as the velocity increased by an
increment of approximately 0.065 m/s. A similar trend of permeate flux with increasing
feed flow rates has been reported previously [34, 131], and this provides further support
for the reliability of the model predictions. Furthermore, the figures also show that the
difference in flux at various velocities becomes less as longer membranes are used.
Hence, the feed velocity will have a less effect on flux as larger membranes are

employed.
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Fig. 6.12 Flux changes of co-current DCMD in flow direction at different velocities
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Fig. 6.13 Flux changes of counter-current DCMD in flow direction at different
velocities

(Feed inlet temperature=60°C, cold inlet temperature=20°C)
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6.2 Mathematic model of DCMD based on membrane properties and

hydrodynamic and thermal conditions of streams

6.2.1 Introduction

In section 6.1, a simple model was developed based on the global mass transfer
coefficient which was assumed constant at the same flow conditions, and it is a simple
tool to roughly predicting flux of a scaled-up module based on a small scale test.
However, the global mass transfer coefficient employed in this model includes both the
mass transfer phenomena across the membrane and boundary layer, so the simple model
is not applicable for predicting the flux from the same kind of membrane employed
under different hydrodynamic conditions, i.e. at different flowrates or in a module with
different flow channel structure. Furthermore, the thermal energy used for evaporation
Is also assessed with this model based on the different hydrodynamic and thermal

conditions, for the purpose of optimising the operational parameters.

In the previous Chapters, based on the Knudsen number calculated from the mean pore
size, it was concluded that the Knudsen-molecular diffusion transition mechanism
dominates the mass transfer across the porous membrane. This conclusion was also
verified by Phattaranawik et al. when the pore size distribution of the polymeric
membrane was considered [85, 90] for MD membranes. Therefore, according to Egs.
(4.12) and (4.13), the total mass transfer through the membrane can be expressed as
[151],

1.072
J=781x= T

bt 5.685V2RMT +4dR(Ppore—Pa) (Pr1 = Prz) (6.10)

The actual driving force (interface temperature difference across the membrane) is less
than bulk temperature difference between the hot and cold streams due to boundary
layer effects. This phenomenon can be assessed by the temperature polarization
coefficient [5], =

6.2.2 Theoretical analyses of the heat transfer and mass transfer

The parameters identified in Eq. (6.10) can be estimated by:
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1. Mand R are constant,

2. based on the finding in Chapter 5, Ppre, d and e/btr are constants if the
membrane is incompressible, or can be considered as constant if a very low
pressure (0-3 kPa in this study) is applied on a compressible membrane,

3. T can be calculated by

_ T1+T2
T2

T (6.11)

4. Pq, and P+, are functions of T; and T, and can be calculated from the Antoine
Equation (Eq (6.7)).

Since ¢/bt and d are measurable by the gas permeation test mentioned in Chapter 3,
there are only two unknown variables in this equation, which are T; and T,. Therefore,
if the interfacial temperature gradients on both sides of the membrane can be calculated,
the flux can be determined.

Based on Fig. 6.1, assuming the channel width is 1, the differential equations of feed

and permeate interfacial temperatures distributed along the membrane can be written as,

de ar

= (=T (6.12)
aTp _ _% _
ax = ey, (2~ Tp) (6.13)

Therefore, the temperature gradient can be obtained by numerically solving Egs. (6.12)
and (6.13).

6.2.3 Experiment and simulation

6.2.3.1 Membrane and module characterisation

The employed membrane materials were provided by Changqgi Co. Ltd, the same as
those employed in Chapter 5.

6.2.3.1.1 Thermal conduction coefficient (A/b) measurement

In the experiment, plastic shims (0.8 mm polypropylene sheet) were placed both sides
of the membrane to reduce the active area of the membrane (see section 6.2.3.3) and

make the membrane length less than 0.13 m. Therefore, for shorter membranes (less
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than 0.13 m), the cold and hot streams will have heat exchange through the shims before
contacting the membrane. To reduce the error, it was necessary to measure the thermal
conduction coefficient of these shims so as to calculate the sensible heat loss through
them. Thus, a sample configured as the structure in the MD module was made, which
was composed of two shims and one membrane sandwiched between them. A heat
conduction apparatus (HT1-A, Armfield) was employed to measure the thermal
conduction coefficient of this sample. The readings were recorded after both upstream
and downstream temperatures were stabilised for 1 h. The measured results of two
different round pieces (@=25 mm) are shown in Table 6.1, and the mean value is used

in the model.

Table 6.1 Heat conduction measurement of the shim samples

A Heat transfer Upstream Downstream Input
rea
Sample ) Run coefficient temperature temperature  power
m
(Wm?K™) (°C) (°C) (W)
1 3155 59.8 21.7 5.9
1 0.00049
2 318.6 60.8 21.8 6.1
1 299.6 63.0 22.2 6.0
2 0.00049
2 305.3 63.0 22.3 6.1

Because the membrane will be compacted after being installed into the heat conduction
apparatus, the thermal conductivity of the membrane was calculated from the Eq. (2.4),
using reported thermal conductivity values for air (1,;=0.026 Wm™K™) and PTFE
(4=0.25 WmK™) [3].

6.2.3.1.2 Spacer and module

The dimensions of the module and spacer are listed in Table 6.2 and shown in Fig. 6.14.
The spacer was used to support the membrane and it also acted as a turbulence promoter.
Fig. 6.14a shows its structure and position relative to the flow direction. The spacer

porosity was measured experimentally and calculated using [48],
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__ Vyilament
Espacer = Vspacer (614)

Table 6.2 Dimension of module and spacer

Flow channel Spacer
(mm) (mm)
] filament thickness ~ mesh size
length (L) width (W) depth )
diameter (dy) (hsp) (In)
130 130 0.8 0.4 0.8 3

a. Spacer structure and stream direction
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130 mm |

v <

:] Polymethyl methacrylate manifold E’;.i?,? 1.2 mm polypropylene sheet IHI]] 0.8 mm PP sheet &\& PTFE Membran

Spacer filament = Flowing direction

b. Module structure and stream through the channel
Lmem IS the membrane length, and L; is the length of the plastic shim
(Two 0.8 mm PP sheets and membrane sandwiched between them)

Fig. 6.14 Dimensions of the module and spacer

where Viijament IS the volume of spacer filament and Vgpacer i the total spacer volume.
The filament volume was measured by soaking a 130x130x0.8 mm?® spacer sample into
water within a burette that had an accuracy of £0.02 mL and measuring the volume
change.

6.2.3.2 Experimental process

A schematic diagram of the DCMD process is shown in Fig. 3.4. The velocities of the
feed and permeate streams were varied from 0.055 to 0.151 m/s (300-800 mL/min), and
the feed and permeate streams were maintained at identical velocity in all experiments.
The flowrate was calibrated using a volumetric cylinder and the accuracy was +10
mL/min. The inlet temperatures of permeate and feed were 20+2°C and 30-70+2°C
respectively. The brine feed was prepared by dissolving 50 g NaCl in 5 L water (10 gL~
1. All flux results presented were measured over a period of 2.5 to 4 hours and variation
in flux over this time was £5%. The membrane length was varied in the range of 50-130
mm by using two 0.8 mm thick polypropylene sheets to cover both sides of the
membrane. A larger module with an active membrane size of 200x733 mm was also

used to verify the model and the length of this module was considered similar in size to
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DCMD modules that would be used in pilot plant studies. Both co- and counter-current

DCMD were tested by switching the hot feed inlet and outlet.
6.2.3.3 Modelling heat and mass transfer

Assumptions made to simplify the model is the same as the assumptions for the simple

model in Part 1, except the 3" assumption is substituted by

e with a given membrane, the properties of the membrane, such as thickness,
porosity, pore size, and tortuosity are constant, because the maximum pressure

applied on the membrane was less than 3 kPa,

In comparison with the assumptions in the simple model based on the global mass
transfer coefficient, this model is not confined by experimental acquisition of the global
mass transfer coefficient and heat transfer coefficient at different stream velocities.
Therefore, if the conditions (e.g. dimensions and spacers) of the channel and membrane
properties are given, this model is able to predict the flux under different conditions,
such as temperatures, membrane length, and flowrate.

Because temperature varies as the hot and cold streams flow along the DCMD module,
water properties (viscosity, saturated vapour pressure) need to be calculated at each
point along the membrane length to account for the change in temperature. Therefore, a
local Nusselt number (Nu) was used for calculation of the convective heat transfer
coefficient, rather than an average Nusselt number as used in [82]. Furthermore, the
variation in the heat transfer through the polypropylene shim along the membrane
length L; (Fig. 6.14b) was also included in the calculations when the membrane length
was less than 130 mm in the module.

For spacer filled flow channels, the local Reynolds number at point A can be computed
by Eq. (2.8) [77, 152], in which dy, the hydraulic diameter in a spacer filled channel and

is calculated by:

4.085pa_cerdfhsp (615)

R 2dp+4(1-espacer)hsp

For the spacer filled channel, although the Re is less than 300, the model predictions
better fit the experimental data when the stream was assumed to be fully developed

turbulent flow in the calculation of the Nu,
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Nu = 0.029K,Re®8pr033 (6.16)

Ks is the spacer factor from [77, 82],

Ks=p (%)_0.039f(£spacer)f(¢) (6.17)

In this work, K is expressed by

(6.18)

K, = 1.904 (Z—ﬁ)_o'ogg e rer (sin %)0‘086

where S is a coefficient, and & is the angle between filaments shown in Fig. 6.14a.

Therefore, the convective heat transfer coefficient, o and a, on feed and permeate side

of the membrane can be calculated from,

Nu-k

where k is the thermal conductivity of the water.
6.2.3.4 Numerical solution

The differential equations were discretized using a first order forward Euler method and
solved numerically [14]. This numerical solution was implemented both into MATLAB

and Excel files using Visual Basic.

The DCMD flow channel in the module was divided into small identical elements AX,
and for the j™ point, the differential Egs. (6.12) and (6.13) can be transformed to [76]:

_ _
ATy =Tpju1 — Ty = — mfc:,,f (Ty,j — Ty,;)Ax (6.20)
@
ATy =Ty js1 —Tpj = —mfz:,,p (Ty,; — Tp,j)Ax (6.21)

The overall heat transferred through the membrane at this point can be written as

A
AQj = ap j(Ty,; — Ty j)Ax = (],-Hlatent +5 (T — Ty, j)) Ax = a, (T, ; — T, )Ax  (6.22)
and

where U can be expressed as
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O S S S (6.24)

1
U Ap,j ar j Xmembrane,j

in which

A ]jHlatent
Xmembrane,j = 3 + T, T, (6.25)
JT2,j

For co-current DCMD, the location of the cold and hot stream inlets was taken as x=0
and that of the outlets was taken as x=L. A marching method was used starting from x=0
where boundary conditions are given and marched to x=L. The convergence of the
solution was checked by comparing results (outlet temperatures Ty and Ty, and total
mass transfer) for different N’ (number of small elements used in the calculations). The
differences between the predicted results from N’=1,000 and 10,000 were less than
0.01%, which indicates the convergence of the numerical solutions for element numbers
greater than 1000. Results from N’=10,000 are presented. In Fig. 6.15, the flow chart
shows the procedures to calculate the interface temperatures in the flow direction.

For counter-current flows, x=0 was taken at the inlet of the hot feed and the mass
flowrate on the cold permeate side was taken as a negative value. The solution
procedure was similar to that for the co-current flow, except that the temperature of the
cold permeate stream at x=0 (the outlet of the cold permeate) is not a known a prori. An
iterative method was used to solve the differential-algebraic Eqs. (6.20)-(6.25). For each
iteration, a cold permeate temperature Tp, at x=0 was estimated and the solution
progressed from x=0 to x=L. The predicted Tpn was then compared with the inlet
temperature of the cold permeate at x=L, which is a specified boundary condition for the
differential Egs. If the relative error between the predicted T,y and the given boundary
condition T,; was larger than 107, a new Tpo Was estimated and the progressive
calculations were repeated. As for co-current flows, the differences between the
predicted results (exit temperatures and flux) for N’=1,000 and N '=10,000 was less than
0.01%, and only results from N’=10,000 are presented. In Fig. 6.16, the flow chart

shows the procedures to calculate the interface temperatures in the feed stream direction.
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1. Setting dx=L/N’ (N "=10,000)
2. Inputting inlet temperatures and velocities on the hot and cold sides
3. Inputting membrane parameters

|

Convective heat transfer coefficients (o, ay;) 14

v

Initial overall heat transfer coefficient
U=1/(Vay i+ 1oy +b/A)

v

Overall heat transfer
AQ=UL Ty 1))

v

Interface temperatures
Th=00ayy, T2=A0y op;

v

Flux
Jj:Cmembmne(P TJ'P TZ)

v

Initial overall heat transfer coefficient
U=V op - ag+ 1D+ Haen(T1-T2))

'

Overall heat transfer
AQ=U(Ty5Ty))

v

Interface temperatures
Ty =T Ay T2y~ Tpr NGy oy,

Error = 0.5[Abs(Ty 0 -T1;) / (T1; 1)) + Abs(Tjo- To ) / (Toyet T2 )]< 0.00000001 =

Yes

Ty 1=Tp A0 (11 Cpp)

v

Fig. 6.15 Flow chart for co-current DCMD modelling

Tpyr= T A0 C )
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1. Setting de=L/N " (N ’=10,000)
2. Inputting feed inlet temperatures and velocities on the hot and cold sides, and a hypothetic cold outlet temperature
3. Inputting membrane parameters

Convective heat transfer coefficients (e, ag;) ¢

v

Initial overall heat transfer coefficient
U=V (Ve e +b/4)

v

> Overall heat transfer
AQ=U T Toy)

v

Interface temperatures
T, =AQ agy, T2, =00

v

Flux
J_/:Cm embrane,p(P TJJ'PTA;)

Initial overall heat transfer coefficient
U=V oy Ve IVD T H e Th - T21)

v

Overall heat transfer
AQ=UATy T

v

Interface temperatures
T =T A0 ag, Top =T, 800,

No
\
Error = O.S[AbS(Tj,U -T[)J) /(TJJ""TgJ) + AbS(TZ,J' - TZ,]) / (TZJ'+T2,])]< 0.00000001

\; Yes

T =T AQ i)

T 1 =T DG AT C )

No

\Tp,N — Tp, inlet

Fig. 6.16 Flow chart for counter-current DCMD modelling
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6.2.4 Results and discussion
6.2.4.1 Analytical results and discussion

Table 6.3 Thermal conductivity of the membrane and the plastic shim

Membrane Polypropylene shim
Mb Mb
(WK 'm?) (WK 'm?)
109560 309+10

Table 6.3 lists the calculated membrane thermal conductivity based on the data in Table

5.3 and measured thermal conductivity of the polypropylene shim.
6.2.4.2 Modelling and experimental results

6.2.4.2.1 Verification of model

45 +
40 + >|s
X
35 + |
X
|

—~ 30 T x
:_C ||
£

25 —+
_
< S
=
Ho20 + & _

counter-current experimental flux
15 + X counter-current modelled flux
co-currentexperimental flux
10 7 W co-current modelled flux
5 T T T T T 1
0.04 0.06 0.08 0.1 0.12 0.14 0.16

Velocity (m/s)

a. Experimental and predicted flux results
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b. Error between experimental and predicted results

Fig. 6.17 Model verified at different velocities

(T=60°C, Ti=20°C and Len=130 mm)

The model was verified over various velocity and temperature conditions. The
consistency of the experimental results was assessed by repeating experiments under the
same condition (temperature difference +1°C, and flowrate difference 10 mL/min),
except for the experiment results from the large module due to limitations of membrane
material. If the variation of the experimental global mass transfer coefficients in the
repeating experiment were greater than £3-5%, a third run was performed to confirm the
experimental result. Experimental results presented in each figure in Section 6.2.4.2 are
from the same piece of membrane, except for Fig. 6.22 in which for each length a

different membrane piece is used.

The results of the model verified at different velocity are shown in Fig. 6.17. With
increasing velocities, both curves of the experimental and predicted fluxes in Fig. 6.7a
shows increasing trends, but both error curves in Fig. 6.17b between the model

predictions and the experimental results shows greater accuracy of the model at higher
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velocities. The modelling errors are in the range of 0.4-13.9%, and the maximum
percentage errors are 13.9% (counter-current) and 9.2% (co-current) at the lowest
velocity (0.056 m.s™).

The verification results of the model at different temperatures are shown in Fig. 6.18.
With the rising temperature, both experimental and modelling flux curves in Fig. 6.18a
showed exponential increases, and the error curves in Fig. 6.18b between the model
predictions and the experimental results also showed exponential increases. However,
the errors are still in the range of 0.8-9.7%. The maximum percentage errors of 5.9%

(co-current) and 9.7% (counter-current) occur at the highest temperature (70°C).

50 +
co-current experimentalflux
45 -+ X
B co-current modelled flux

40 7 counter-current experimental flux
:c 35 T X counter-current modelled flux X
£ “
=30 +
x
=)
“oo5 o+

20 -+ X

15 +

X

10 +

5+ X®

0 } } } } i

25 35 45 55 65 75
Temperature (°C)

a. Experimental and predicted flux results
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0 ; ; ; ; i
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Temperature ("C)

b. Error between experimental and predicted results

Fig. 6.18 Model verified at different temperatures

(vi=vp=0.11 m/s, Liem = 130 mm)
In Figs. 6.17b and 6.18b, the errors of the model are not distributed randomly around
the experimental results and increased as the velocities decreased or the temperature
increased. It also can be found from the analysis of experimental results that the single
pass recovery defined in Eq. (6.26) is higher at lower velocity or higher feed inlet

temperature. The relationship between the recovery and temperatures and velocity is

shown in Fig. 6.19.

Recovery = Zh—A (6.26)
f

where A is the membrane effective area.
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Fig. 6.19 Relationship between the recovery and temperatures and velocity
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Fig. 6.20 Relationship between single pass recovery and modelling error
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Therefore, the systematic error may arise from the assumptions that the influence of
mass flux on the mass flowrate can be neglected, as well as the sensible heat carried by
the permeate. In Fig. 6.20, the relationship between the modelling error and single pass
recovery is shown. From this chart, it is observed that the error increased approximately

linearly with single pass recovery.

I:’spacer

P.
InisLT IDoutlet,f

-------------------------------------

_membrane
I:)outlet,p
I'-"spacer
Counter-current
Pinlet,f Poutlet,f
_membrane_
I:)outlet,p
Co-current

Fig. 6.21 Pressure analysis in counter- and co-current DCMD
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Additionally, the predicted results have less error in co-current mode than counter-
current mode at the same recovery at different temperatures, which suggests that the
programmed counter-current model is more sensitive to mass flow changes in both cold
and hot streams. The difference of predicted error between different modes may be
caused by the differences in compaction of the membrane. In the assumptions, the
properties of the membrane is assumed constant as the pressure applied on the
membrane is low (<3 kPa). As mentioned in Chapter 5, the deformation of the
membrane will cause the change of membrane permeability and conductivity. In the
experiments, the measured inlet pressures of both counter- and co-current modes are
approximately same at the same velocity. From the pressure schematic in Fig. 6.21, it
can be observed that there is greater mean pressure applied on the membrane in the
counter-current mode than that of the co-current mode. Thus, compared with the co-
current mode, the membrane properties in counter-current mode will have greater
difference from the measured membrane properties. As a result, a greater error is found

in the counter-current modelling result.
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45 + co-currentexperimental flux
X W co-current modelled flux
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X counter-current experimental flux
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X
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a. Experimental and predicted flux results
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Fig. 6.22 Accuracy assessment with varied membrane lengths

(Ti=60°C, Tpi=20°C, vi=V,=0.11 m/s)

Because the flux in DCMD varies with the membrane length as discussed in section 6.1,

the model was also assessed with various membrane lengths. In Fig. 6.22, results from

modelling and experiments are presented. In Fig. 6.22a, the flux decreases from 44.7 to

11.1 Lmh* (counter-current) and from 41.1 to 7 Lm™h™ (co-current), as the membrane
length is increased from 50 mm to 733 mm at the same inlet temperatures and velocity.

It can be speculated that the longer membrane will have greater recovery at the same

stream velocities and inlet temperatures, because of the longer residence time of the

stream. However, the errors (Fig. 6.22b) between the predicted and experimental results

are randomly distributed in the range of 1.5-13.7%, although the greatest error is still

seen when the longest or the second longest membrane is used (maximum errors are 6.7%

with a membrane length of 0.13 m in counter-current mode and 13.7% with a

membrane length of 0.73 m in co-current mode). The phenomenon may be caused by

the property variation of the employed membrane, because the presented results are

from eleven different membrane pieces in different lengths.
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6.2.4.2.2 Application of model in analysis and discussion of co- and counter-current
DCMD

From the verification of the model under different conditions, there are only two
predicted results with errors greater than 10%, which are 13.7% with a membrane
length of 733 mm when the model is verified with different membrane lengths in a co-
current DCMD, and 13.9% at a velocity of 0.056 m/s in a counter-current DCMD when
the model is assessed at different velocities. Considering the 5% experimental
variation and conventional process design factor of chemical design of 10-25% [153-
155], the systematic error caused by the assumption in the model is still acceptable.
Therefore, the model is applicable in general for predicting the temperature distribution

along the membrane and the degree of temperature polarisation.
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a. Modelled temperature distribution in counter-current DCMD
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b. Modelled temperature distribution in co-current DCMD

Fig. 6.23 Modelled temperature distribution in counter- and co-current DCMD

(Lmem=130 mm, T,=20°C, T=60°C, vf=V,=0.11 m/s)

Fig. 6.23 shows an example of the temperature distribution estimated in counter- and
co-current DCMD for a membrane length of 130 mm, permeate inlet temperature of
20°C, brine inlet temperature of 60°C and feed and permeate velocities of 0.11 m/s. In
counter-current DCMD, the cold interface/bulk temperature is almost parallel to the hot
interface/bulk temperature because of the identical velocities on both sides of the
membrane, while in co-current mode they begin to converge as the streams flow from
the inlet to the outlet. Furthermore, at the same location, it was found that the
temperature difference between the bulk flow and membrane interface on cold side is
greater than that on hot side, due to lower turbulence arising from the greater liquid

viscosity at lower temperatures.

By comparing Fig. 6.23a and 6.23b, it can be found that the temperature polarisation
was almost constant for the counter-current mode, but decreases as the hot and cold
streams travel further from the inlets in co-current DCMD. Additionally, in a region

(0=x<0.02 m) where there is the highest vapour pressure difference across the
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membrane, the temperature polarisation in co-current DCMD is higher than the counter-
current mode, but in a region (0.11<x<0.13 m) where there is the lowest vapour pressure
difference across the membrane, the temperature polarisation in the co-current DCMD
is lower than the counter-current mode. Because the mass transfer and the heat transfer
rates are respectively exponential and linear functions of the interface temperatures,
there is a higher percentage of heat used for mass transfer at higher interface
temperatures and a higher percentage of heat used for heat transfer at lower interface
temperatures when the temperature difference is the same. Therefore, compared to
counter-current DCMD, co-current mode in the region with the highest vapour pressure
difference has lower percentage of thermal energy utilised for evaporation, while in the
region with the lowest vapour pressure difference there is higher thermal energy loss
through conduction, because of the temperature polarisation distribution. Thus, the flux
difference between the co-current and counter-current modes is mainly caused by

temperature polarisation distribution along the membrane.

In Fig. 6.244, the predicted fluxes from both co- and counter-current DCMD at different
velocities (0.037-0.37 m/s) are presented. The curve slopes of co- and counter-current
processes become smaller at a higher velocity, and flux difference between co- and
counter-current DCMD defined in Eq. (6.27) also becomes smaller (shown in Fig.
6.24b).

Al — Jcounter—J
; ; (6.27)

where Jeounter and J are fluxes of counter-current and the co-current modes, and 4J is the
difference between them. As the stream velocity increases to 0.37 m/s, the predicted
flux difference is only 1.6%, so there is not great flux difference between these modes if

high stream velocities are used.
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Fig. 6.24 Percentage flux difference between counter current and co-current modes

(I—mem:l30 mm, Tpi:20°C, T=60°C)
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The temperature polarisation coefficient (z) changed with velocity and the polarisation
coefficient difference (Az/z) defined in Eq. (6.28) are shown in Fig. 6.25.

AT Tcounter—T
= = Leounter 1 (6.28)

T

where zcounier and 7 are temperature polarisations of counter-current and the co-current

modes, and Az is the difference between them.

The temperature polarisation coefficients (Fig. 6.25a) increase with stream velocity
because of enhanced convective heat transfer at higher turbulence and reduced
boundary layer effects. The temperature polarisation coefficient difference increases
initially with velocity and reaches a plateau when the velocity is greater than 0.15 m/s,
as the influence of increased velocity on reducing boundary layer effect is low in this

region.

As the velocity increases, the flux difference shown in Fig. 6.24b reduces from 8.8% to
1.6%, but ¢ differences (Fig. 6.25b) increase only from 2% to 2.6%. Therefore, the
counter-current DCMD can produce more flux (Fig. 6.24a) and has a higher temperature
polarisation coefficient (Fig. 6.25a) than those of co-current DCMD at the same inlet

temperatures and velocities, although the differences are relatively small (<10%).
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Fig. 6.25 Temperature polarisation coefficient vs feed velocity

(Lmem=130 mm, Tpi=20°C, T=60°C)

It also can be found from the modelling results that the counter-current DCMD will
have much better performance than co-current DCMD at lower stream velocity, and the
performance difference is reduced at higher velocities. Furthermore, it is also observed
that the slope of the temperature polarisation coefficient curve (Fig. 6.25a) is lower than
that of the flux curve (Fig. 6.24a). Therefore, the flux increase with velocity arises from
both the change of  and the greater temperature differences along the membrane that

results from higher velocities [48] (ie. greater heat flow through the system).

The profile of the local fluxes and their differences of both DCMD modes are presented
in Fig. 6.26. Here, a membrane in our small pilot module (0.73x0.13 m?) is modelled. It
is observed that the local flux (Fig. 6.26a) reduces for distances further from the feed
inlet. In co-current DCMD, most of the co-current permeate is produced from the first
quarter of the membrane, and the local flux dramatically reduces by 99.4% (from 45.6

to 0.28 Lm*h™) from the feed inlet to the feed outlet. However, for counter-current
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DCMD the local flux reduces almost linearly with distance from the feed inlet, and a
local flux reduction of 57.3% (from 18.6 to 8.0 Lm™h™) was found from the feed inlet
to the feed outlet. The local flux difference (Fig. 6.26b) between co- and counter-current
modes increases almost exponentially with the distance from the feed inlet. Although
local flux in the counter-current DCMD is lower than that of the co-current mode when
the distance is less 0.14 m, this does not suggest that the co-current DCMD will have a
higher flux than that of counter-current DCMD when a short membrane is employed,
because the local flux profile varies with the membrane length in counter-current
DCMD. As shown in Fig. 6.22a, the counter-current DCMD will have the higher flux

when a shorter membrane is used.
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Fig. 6.26 Local flux distribution vs membrane length
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Fig. 6.27 Local temperature polarisation coefficient distribution vs membrane length

(Lmem:733 mm, Tp|:20°C, Tf|:60°C, Vf:Vp:011 m/S)

The temperature polarisation coefficients and their difference along the membrane are
presented in Fig. 6.27. The temperature polarisation coefficient (Fig. 6.27a) shows the
reverse trend to the flux, which increases linearly with the distance in the counter-
current DCMD, and increases initially and reaches a plateau at the distance of 0.2 m in
the co-current DCMD.

Therefore, the flux of the co-current mode is more sensitive to the membrane length
(seen in Fig. 6.22a, the flux of the counter-current mode is 59% higher than that of co-
current mode, when a 733 cm membrane was used), so the counter-current DCMD is a
better choice for scale-up purpose when a longer membrane is considered. In
comparison with a long and narrow membrane, a wide and short membrane with the
same area will have higher flux at the same steam linear velocity and inlet temperatures,
and higher velocity to reduce scaling at the same pressure drop (limited by LEP) on the

membrane. Therefore, a short and wide membrane is suggested to be used rather than a

163



long and narrow membrane in design.

The predicted results at different temperatures (30-80°C) are shown in Fig. 6.28. This
figure shows that although greater temperature is able to boost the flux production
almost exponentially (Fig. 6.28a), the temperature polarisation coefficients (Fig. 6.28b)
are nearly halved from 30 (z=0.33) to 80°C (z=0.18). The counter-current DCMD s
predicted to produce more flux in the modelled temperature range and to have a higher
temperature polarisation coefficient than those of co-current DCMD under the same
conditions. However, the flux difference is reduced after it reaches the peak at 70°C,
because of a combination of the local temperature polarisation and heat conduction
losses (Fig. 6.28a).
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Fig. 6.29 Influence of membrane characteristics on flux

(Tpi=20°C, T=60°C, vi=v,=0.11 m/s, counter-current)

The relationship between the flux increment and the relative membrane mass transfer
property (&/bf) is presented in Fig. 6.29 for three different membrane lengths. The mass
transfer property of the PTFE membrane employed in this study is used as a reference
value. From these curves, it was found that the flux (Fig. 6.29a) increases with an
improved membrane mass transfer value (higher &bt), but the percentage increment
(Fig. 6.28b) decreases from more than 50% to below 5% as the relative value of &/bt
increases from 0.2 to 1.4 in the increments of 0.2. Fig. 6.29b also demonstrates that the
contribution of improved membrane mass transfer properties to flux becomes less as
longer membranes are considered. Therefore, the optimisation of the membrane
properties (¢/bt) will contribute less to flux increases for long membranes, based on this
membrane and modelling conditions (T,=20°C, Ts=60°C, vi=v,=0.11 m/s, counter-

current).

The characteristics of the PTFE membrane used in this study had a porosity of 94%,
thickness about 37 um and tortuosity 1.1+0.1 [75, 130]. Porosity can only increase by 6%
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(ie. 94-100%) and tortuosity by 10%. These improvements will ideally increase &bt by
17%. Therefore, the biggest improvements in &bt might come from decreases in
membrane thickness. However, previous results suggest [48, 97] that a practical
membrane thickness should be no less than 30 um, due to mechanical strength and salt
rejection deterioration. Hence, the greatest practical improvement in &/bt is less than
45%, and Fig. 6.29b shows that the resultant flux increase is only 12% equivalent to the
effect of increasing the stream velocity from 0.11 to 0.13 m/s at hot and cold inlet
temperature of 60°C and 20°C. This suggests that efforts to improve the membrane
characteristics for flux improvement are unlikely to have a significant impact on DCMD

performance if long membrane modules are constructed.
6.2.4.2.3 Single-pass evaporation ratio variation with process parameters

The evaporation ratio defined in Eq. (3.12) shows the percentage of energy used for
driving permeate across the membrane, and it is important for optimising the process
parameters to increase the energy efficiency. Therefore, the validated model was used to
predict the evaporation ratio in counter-current mode under different conditions, which
are shown in Fig. 6.30. The modelled results were also verified experimentally shown in
Figs. 6.30a and 6.30b. The positive absolute errors (~5%) are also caused by neglecting
the permeate flow and sensible heat carried by the permeate flow, which lead to a higher
predicted hot outlet temperature and a lower predicted cold outlet temperature than
those of the experimental results. As a result, the evaporation ratio is overestimated by
the model. However, the modelled results show the same trend as the experimental

results.
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From Figs. 6.30 and 6.31, it can be found that:

e Higher feed inlet temperature can improve both the evaporation ratio and flux,

e Increasing velocities of both sides simultaneously will not change the
evaporation ratio, but will increase the flux,

e Increasing the permeate temperature can increase the evaporation ratio, but
dramatically reduce the flux,

e Increasing the feed stream velocity (keep permeate velocity constant) can greatly
increase the flux and slightly increase the evaporation ratio,

e Increasing the permeate stream velocity (keeping feed velocity constant) can
greatly increase the flux, but slightly decrease the evaporation ratio,

e Improving membrane properties (e/bf) will increase both the flux and
evaporation ratio almost linearly for &/7<24,000 m™, while the increase in rate
becomes much smaller for &/6>24,000 m™,

e Increasing the membrane length will not change greatly the evaporation ratio
(about 2.7% absolution value reduction as the membrane length increased by 31
times), but will reduce the flux, and

e The modelling results suggest high feed velocity and high feed inlet temperature
will improve both flux and evaporation ratio, and a shorter membrane will

improve the flux but not change the evaporation ratio.

171



60 - - 100
- 90
50 -
- 80
- 70 ¥
40 - £
o .0
£ -
; 30 ~ - 50 _5
ot
3 a0 S
ux 30 S
== == Fyaporation ratio - 20
10 -
- 10
O T T T T T T O

0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35
Membrane length (m)

Fig. 6.31 Evaporation ratio and flux varied with membrane length

(Both stream velocities=0.11 m/s, hot inlet temperature=60°C, cold inlet

temperature=20°C)

6.3 Summaries for both models

Both simple and complex mathematical models were developed for the DCMD process
based on heat and mass balances. Both models showed agreement with experimental
results with errors of less than 14%, which is applicable in engineering design if the
margin factor (10-25%) and experimental reproducibility (+5%) are considered.

The basis of the simple model is the experimental findings that the mean global heat and
mass transfer coefficients only change slightly with variations of some parameters that
will not affect the thermal boundary layer greatly, e.g. temperature variation (40-80°C)
and length difference of membrane. If a database of global mass and heat transfer
coefficients against the velocity is available under given boundary layer conditions, the
simple model can be used to predict the flux at different temperatures and membrane
lengths. However, the defined boundary layer conditions will also be affected greatly by
the characteristics of the module flow channel structure, e.g. the presence of the

turbulence promoter (spacer) or the dimension of the flow channel cross section, so the
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variations of these characteristics of the flow channel will cause invalidation of such a
database at the same stream velocity. Therefore, the model is strictly limited in the
prediction of flux under similar boundary layer conditions that the global mass and heat
transfer coefficients are acquired. Although the simple model is limited by the boundary
layer conditions, the simple model provides a convenient means in the pilot module
design if the conditions of the flow channels are preset, because the database of the
global mass and heat transfer coefficients against the velocity can be simply obtained
from a small module with the same flow channel characteristics. Therefore, this model
does not require complex characterisation of the membrane and flow channel, which

require special analytical facilities and time consuming calculations.

The complex mathematical model was developed based on the characterisations of the
membrane and flow channel. For characterised membranes and flow channels, it can be
used to predict flux at different velocities, membrane lengths, and different temperatures.
Although this model is versatile in flux prediction under different boundary layer
conditions, characterisation of the membrane and flow channel are required before
predicting the flux of a pilot design. Compared to the simple model, this complex model

has the advantage of being able to optimise module design and process parameters.

The predictions from both models showed:

e The temperature profiles on both the hot and cold sides approach each other in
co-current DCMD, but are parallel to each other in counter-current DCMD,
when the flowrates on both sides are identical,

e The co-current DCMD showed a greater temperature difference than that of
counter-current DCMD under identical inlet conditions, but the counter-current
DCMD still produced higher flux than that of the co-current DCMD. The
findings suggest that counter-current configurations should be adopted in
commercial applications when long membranes are considered, because of the
dramatic decrease in flux in co-current DCMD when larger modules are used.

e MD flux is affected by the length of the membrane, and a short and wide
membrane is suggested to be used rather than a long and narrow membrane in
design for higher average flux, and

e The modelling results showed that the feed velocity will have less influence on

the flux for longer membranes.
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The employment of the complex model also indicated:

For spacer filled channels, use of the Nusselt number calculated from turbulent
flow leads to a better fit of the experimental results compared to Nusselt
numbers calculated from laminar flow,

Under the same hydraulic flows, higher feed temperature lead to lower
temperature polarisation coefficients because the greater heat flux leads to an
increased rate of heat and mass flux through the membrane and hence, a greater
temperature gradient in the bulk flow.

Stream velocity is a key factor in DCMD, especially at higher temperatures (70-
80°C), because the temperature polarisation coefficient becomes lower as the
temperature rises.

A co-current model and a counter-current model were used to predict flux and
temperature coefficients under different conditions. The counter-current model
predicted a higher temperature polarisation coefficient than that of the co-current
model under the same inlet conditions, which agrees with the experimental
findings.

Optimisation of the membrane structure (increases in &bt) is able to increase
DCMD flux, but the increases in flux arising from further improvements in &/bt
is unlikely for longer DCMD membrane (>0.7 m). Furthermore, the increased
rate of evaporation ratio is reduced greatly for &/5r>24,000 m™.

This work also identifies that characterisation of the mass transfer characteristics
of MD membranes is best achieved by reporting &/bt values, as this term relates
to the fundamental characteristics of the membrane. This term can also be used
to predict DCMD performance under a range of conditions, while mass transfer
co-efficient is a function of pore pressure and the hydraulic conditions of the
stream, and flux is dependent on a range of process conditions.

From the modelling results, it suggests high feed velocity and high feed inlet
temperature, which will improve both the flux and evaporation ratio.

Based on the modelling results, there are a few findings need to be addressed:

For the module design, a short and wide flow channel will be ideal for DCMD,

because high velocity can be used due to the less resistance in the flow direction,
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e Raising velocities of both sides simultaneously can increase the flux, but can not
enhance the evaporation ratio,
e |If it is possible, increasing hot temperature is better than decreasing the same

degree of cold temperature, which will raise both flux and evaporation ratio.

Based on the research results for PTFE membranes, a further improvement of

membrane property will only give minor increases of flux and evaporation ratio.
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Chapter 7 Conclusions and Recommendations

The objectives for this thesis were to develop an understanding of:

1. the structure and material properties of membranes suitable for membrane
distillation,

2. how mass transfer is affected by the membrane structure of hollow fibre
membranes,

3. the influence of system pressure on flux for compressible and incompressible
membranes, and

4. to develop a process model for scaling-up of membrane distillation modules and

for process design.

For the first objective, membranes with different pore sizes, support layers, and active
layers were studied, and these membranes were characterised by the tests of LEP, gas
permeation, SEM, and porosity. The performances of these membranes in DCMD were
tested under different inlet temperatures and stream velocities, and the membranes were
assessed by global mass transfer coefficients and energy efficiency (evaporation ratio).
The use of the mass transfer coefficients removes the temperature dependence of the
flux measurements, and so provides a means to study polarisation effects and to better

identify membrane performance by removing the effect of some of the process variables.

The experimental results showed that the performances of three new PTFE membranes
supported with scrims show greater potential for use in desalination processes than do
the traditional microfiltration membranes. The new PTFE membranes achieved a
significantly higher flux and had better energy efficiency than the MF membranes under
the same conditions.

The contact angles of the new PTFE membranes were in the range of 140-160°, which
are 1.5 times that of employed micro-filtration PVDF membrane and 1.25 times that of
micro-filtration PTFE membrane. Similarly, the LEP of the new membranes were 2
times that of the MF membranes, so the new MD membranes can be used at higher

operating pressures without the risk of wetting.

The new membranes also show good salt rejection even under critical conditions. In
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comparison with the 96% salt rejection rate of PVDF membrane, all PTFE membranes
achieved nearly 100% salt rejection rate at a feed velocity of 0.36 m/s and <20 kPa.
Additionally, all PTFE membranes had global mass transfer coefficients higher than or
similar to that of MF membranes under the same conditions.

The more open support layers of the new membranes have less mass transfer resistance
than the nonwoven fabric support layer, and subsequently greater flux and energy

efficiency. Fluxes of up to 46 Lm™h™ were obtained at 80°C in this objective.

For the second objective, an asymmetric hollow fibre membrane was studied. The LEP
of the hollow fibre membrane was characterised by the surface tension effect,
thicknesses of the skin and principle layer was estimated through SEM imaging, and the
pores size and porosity were measured by BET. The performance of this membrane in
DCMD was assessed based on the variation of temperatures, flow velocities, stream
configuration, and the degree of cold side vacuum pressure in the hollow fibre module.
Flux was calculated based on the outside surface area of the hollow fibre membrane,
irrespective of the direction of permeate transport as the skin layer was the rate
determining mass transfer layer. Global mass transfer coefficients were calculated to

evaluate the performance of the process under different conditions.

The membrane showed different performances when the hot feed passed through
different sides (lumen and shell sides) of the membrane. In this study, the highest flux
was 19.2 L.m?h™, when the feed flowed through the shell side with a velocity of 0.4
m/s and the inlet temperatures on the cold side and hot side were 20°C and 86°C
respectively (without vacuum pressure on the permeate side). The variation in
performance can be attributed to the asymmetric structure of the membrane, and the

exponential relationship of vapour pressure to temperature.

The experimental results showed that the mass transfer coefficient at high velocities

remained approximately constant as the hot feed temperature increased from 30 to 86°C.

Negative gauge pressure on the cold side boosted the flux by reducing the pressure
within the pores and thereby increasing the rate of mass transfer through the pores.
However, the rate of increase in flux reduced at higher vacuum pressures indicating that
there is a diminishing return for flux at higher negative pressures beyond -12 kPa (feed

velocity>0.22 m/s), due to the skin layer effect. A non-compressible hollow fibre would
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be advantageous for high flux hollow fibre MD, as it would enable a negative pressure

to be employed in the permeate stream on the lumen side.

The results show salt rejections higher than 99% can be achieved even at very high
volume feed velocities, due to the large inner diameter of the hollow fibre membrane.

The third objective is focused on the compressibility of PTFE MD membranes , and an
incompressible hollow fibre membrane was used for comparison purposes. The pore
size and &/bt of the membrane were determined by gas permeation, and a wetting
method was used to measure the mean thickness, porosity of the active layer, and the
density of the active layer material. The deformation of the membrane with pressure
was also determined experimentally. The influence of applied pressure on membrane

performance in DCMD was studied at different temperatures and velocities.

The incompressible and compressible membranes were characterised under different
pressures, and relationships between the pressure and the porosity, thickness and
thermal resistance of the membrane were presented and used for analysis of the
experimental results. A great reduction of membrane thermal resistance was found as

the pressure increased for the compressible PTFE membrane.

The flux from the incompressible membrane did not change with applied pressure
variations across the entire pressure range considered, and this was attributed to changes
in pressure not influencing the pore pressure nor the membrane thickness or pore

structure.

For the compressible membrane, the mean membrane mass transfer coefficient and the
temperature difference between the membrane interfaces were calculated based on the
mass and heat balances and fitting curves from membrane characterisation experiments.
Although an optimum mean membrane mass transfer coefficient was found at a pressure
of 25 kPa, it was found that the flux decreased with an increased pressure for all

experiments due to the increased thermal conductivity of the membrane.

At the same feed inlet temperature, the rate of flux decrease is greater at lower velocity
as the pressure increased. The comparison of two membranes with similar mass transfer
coefficients showed that there are higher temperature polarisation coefficients and

greater membrane interface temperature difference at higher velocity, but their
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differences become smaller and approach zero as the pressure becomes higher.

At the same stream velocities, the increased pressure had less effect on the flux at a
lower temperature. The results show that there are smaller temperature polarisation
coefficients and greater ATinerace at higher temperature. Although with increasing
pressure, the difference of temperature polarisation coefficients between the
experiments at different temperatures becomes smaller, the difference of ATinterface

between the experiments at different temperatures is not changed greatly.

It also suggests that the process parameters will have less influence on the membrane

flux as the membrane becomes more compact.
Two models based on heat and mass balances were programmed for the fourth objective.

Both simple and complex mathematical models were developed for the DCMD process.
Both models showed agreement with experimental results, as errors of less than 14%
were obtained, making them applicable in engineering design if the margin factor (10-

25%) and experimental reproducibility (£5%) are considered.

The basis of the simple model is the experimental findings that the mean global heat and
mass transfer coefficients only change slightly with variations of some parameters that
will not affect the thermal boundary layer greatly, e.g. temperature variation (40-80°C)
and length difference of membrane. If a database of global mass and heat transfer
coefficients against the velocity is available under given boundary layer conditions, the
simple model can be used to predict the flux at different temperatures and membrane
lengths. However, the defined boundary layer conditions will also be affected greatly by
the characteristics of the module flow channel structure, e.g. the presence of the
turbulence promoter (spacer) or the dimension of the flow channel cross section, so the
variations of these characteristics of the flow channel will cause invalidation of the
existing database at the same stream velocity. Therefore, the model is strictly limited in
the prediction of flux under similar boundary layer conditions to those that the global
mass and heat transfer coefficients are acquired. Although the simple model is limited
by the boundary layer conditions, the simple model provides a convenient means for
pilot module design if the conditions of the flow channels are preset, because the
database of the global mass and heat transfer coefficients against the velocity can be

simply obtained from a small module with the same flow channel characteristics.
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Therefore, this model does not require complex characterisation of the membrane and
flow channel, which require special analytical facilities and time consuming

calculations.

The complex mathematical model was developed based on the characterisations of the
membrane and flow channel. For characterised membrane and flow channel, it can be
used to predict flux at different velocities, membrane lengths, and different temperatures.
Although this model is versatile in flux prediction under different boundary layer
conditions, characterisations of the membrane and flow channel are required before
predicting the flux of a pilot design. Compared to the simple model, this complex model

has the advantage of being able to optimise module design and process parameters.
The predictions from both models showed

e The temperature profiles on both the hot and cold sides approach each other in
co-current DCMD, but are parallel to each other in counter-current DCMD,
when the flowrates on both sides are identical,

e The co-current DCMD showed a greater temperature difference than that of
counter-current DCMD under identical inlet conditions, but the counter-current
DCMD still produced higher flux than that of the co-current DCMD. The
findings suggest that counter-current configurations should be adopted in
commercial applications when longer membranes are considered, because of the
dramatic decrease in flux in co-current DCMD when larger modules are used.

e MD flux is affected by the length of the membrane, and a short and wide
membrane is suggested to be used for high flux applications rather than a long
and narrow membrane design, and

e The modelling results showed that the feed velocity will have less influence on

flux for longer membranes.
The employment of the complex model showed that:

e For spacer filled channels, the model had a better fit to the experimental results
when the local Nusselt number was calculated from turbulent flow models rather

than laminar flow models.

e Under the same hydraulic flows, higher feed temperature lead to lower
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temperature polarisation coefficients because the greater heat flux leads to an
increased rate of heat and mass flux through the membrane and hence, a greater
temperature gradient in bulk flow.

Stream velocity is a key factor in DCMD, especially at a higher temperatures
(70-80°C), because of the lower temperature polarisation coefficient.

A co-current model and a counter-current model were used to predict flux and
temperature coefficients under different conditions. The counter-current model
predicted a higher temperature polarisation coefficient than that of the co-current
model under the same inlet conditions, which agrees with the experimental
findings.

Optimisation of the membrane structure (increases in &/bt) is able to increase
DCMD flux, but the increases in flux arising from further improvements in &/bt
is unlikely for long DCMD membrane (>0.7 m). Furthermore, the rate of
increase of evaporation ratio is reduced greatly for ¢/6>24,000 m™.

This work also identifies that characterisation of the mass transfer characteristics
of MD membranes is best achieved by reporting /bt values, as this term relates
to the fundamental characteristics of the membrane. This term can also be used
to predict DCMD performance under a range of conditions, while mass transfer
co-efficient is a function of pore pressure and feed stream hydraulic conditions,
and flux is dependent on a range of process conditions, and

The modelling results suggests high feed velocity and high feed inlet

temperature will improve both flux and evaporation ratio.

The comprehensive findings and recommendations from this research are:

Besides porosity, membrane thickness and hydrophobicity of the MD
membrane, structured support layer and rigid active layer are also significant
parameters when fabricating the membrane,

As the temperature polarisation can cause dramatic flux decline, high velocity is
important for DCMD processes, especially at high temperature where the
polarisation is more pronounced. Therefore, if a compressible membrane is used
for scale-up, it is better to design a module short in the stream flow direction but
wide in the direction transverse to the stream flow, which will reduce membrane

deformation and wetting risk at high stream velocity (high pressure expected),
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Placing the hot feed on the higher mass transfer resistance side (if existing) of
the membrane and reducing pressure on the permeate side can produce more
flux under the same operation conditions.

Counter-current DCMD configuration has higher energy efficiency and flux
under all modelling conditions in this study, so it is not recommended to use co-
current configuration in DCMD design, and

Based on this study of existing flat sheet membranes, adjusting process

parameters seems to be more effective than improving the membrane properties.
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Chapter 8 Future research directions

The research has focused on an experimental study of membrane performance in
DCMD, and theoretical modelling of the DCMD process.

In the future work, the application of membrane distillation will be addressed based on
its distinctive features. For example, it may be coupled with the power plant, cooling
tower, etc., it also can be coupled with solar panels to produce freshwater from
groundwater or water contaminated by non-volatile pollutants, such as heavy metal,
fluoride, etc., or can be combined with reverse osmosis processes to improve the
recovery of RO plants. All these possibilities need further research to prove the

feasibility of MD for these applications.

Membrane distillation is an energy intensive process. Therefore, it is important to
improve the energy efficiency or recovery. In my previous work, the single pass energy
efficiency was considered, so the latent heat loss was not considered. Therefore, the

recover of latent heat should be addressed in future work.

Although the PTFE membranes show excellent performance in DCMD, the
compressibility of the active layer leads to some unpredictability of the flux, due to the
unknown pressure drop in the module. The relationship between deformation of the
membrane and applied pressure needs further researched based on the porosity, pore
size, membrane thickness, and support layer in the future, particularly over longer time

frames and higher temperatures.

Two mathematic models were designed, but they are still limited by some assumptions
and conditions, such as neglecting the permeate flow. More work should be done to
reduce these limitations, and make the model more accurate over a wider range of

operating conditions.

The presented study has not considered the fouling and wetting issues that may arise
over longer periods or from the treatment of water of different quality. Some fouling

issues have been found in this study, which need to be examined in future work.

Effect of compression over longer periods of time, particularly at high temperatures

where softening of the membrane materials will occur and where the strain may relax
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leading to non-elastic deformation.
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change of the membrane heat conduction coefficient
geometric factor

membrane thickness

mass transfer coefficient

global mass transfer coefficient

feed bulk concentration

concentration of NaCl

specific heat of feed and permeate

feed concentration at liquid-vapour interface
hydraulic diameter

membrane porosity

surface porosity

spacer porosity
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N
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IDpore

P process

P11, P12

surface tension

force from the membrane material

collision diameters for water vapour and air
spacer’s thickness

water protrusion height

latent heat of water vaporisation

vapour flux

Boltzman constant

the mean free path of the transferred gas molecule
thermal conductivity of membrane

air thermal conductivity

solid thermal conductivity

mass flow rates of feed and permeate streams
mass of membrane with the support layer
mass of support layer

nominal pore number

element number in modelling

collision cross-section

gas phase pressure in pores

pressure of the process liquid

vapour pressure at T1 and T2
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Psi, Pro
I:)pi, I:)po

APgaS

Q1, Q2

Qs

Qsensible

Tp, Tf
Thi, Tro

Ty, T2

Vmembrane
Vprre

Vsupport

vapour pressures at inlet and outlet temperatures of the hot side
vapour pressures at inlet and outlet temperatures of cold side
pressure difference across the membrane

material density

total heat transfer

feed mass flowrate

sensible heat loss

angle between filaments

the largest pore size of membrane

pore diameter and radium of membrane

contact angle between the solution and the membrane surface
pore tortuosity

temperature polarisation coefficient

permeate and feed bulk temperatures

feed inlet and outlet temperatures

feed and permeate temperatures at liquid-vapour interface
global heat transfer coefficient

stream velocity

membrane volume

active layer volume

support layer volume
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Vair air volume

v gas’ mean molecular speed
N surface tension of the solution
Y0 pure water surface tension at 25°C
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Appendix

I. Simple modelling programs

a. Co-current modelling programe

Sub cocurrent()

Dim increment, interval, full_length, Flux, L As Double
Dim FLT(1 To 10, 1 To 4) As Double

Dim K As Integer

Range("D2").Select
interval = ActiveCell.Value

Range("C2").Select
full_length = ActiveCell.Value

Worksheets(1).Range("B6:C6").Value = Worksheets(1).Range("A2:B2").Value

K=0
Flux=0
Do While K< 10

‘output ten points for plotting
Range("C3").Select
L = ActiveCell.Value
K=K+1
L=L*K
increment = interval
‘calculate temperature at along the length
Do While increment < full_length / 10
increment = increment + interval

Worksheets(1).Range("B6:E6").Value = Worksheets(1).Range("B7:E7").Value

Range("F7").Select
Flux = ActiveCell.Value + Flux

Loop

FLT(K, 1) = Flux
FLT(K,2)=L
FLT(K, 3) = Worksheets(1).Range("B7").Value
FLT(K, 4) = Worksheets(1).Range("C7").Value
increment =0

Loop
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Range("F8").Select
ActiveCell = Flux

Worksheets(1).Range("E2:F2").Value = Worksheets(1).Range("B7:C7").Value

Worksheets(1).Range("A10:D10").Value = Array("Permeate”, "Length", "Hot Temperature”, "Cold
Temperature™)

Worksheets(1).Range("A11:D020").Value = FLT

End Sub

b. Counter-current modelling programe

Sub countercurrent()

Dim increment, interval, full_length, Tci, Tco, Dif, Step_length, Ti_cal, Flux, L, Delta_T, Hv, Width,
Mass_co, Heat_co, P_cold, P_hot, Flow_hot, Flow_cold, T_cold As Double

Dim FLT(1 To 11, 1 To 4) As Double

Dim K, counter As Integer

Range("D2").Select
interval = ActiveCell.Value

increment=0
counter=0

Range("12").Select
Hv = ActiveCell.Value

Range("C2").Select
full_length = ActiveCell.Value

Range("F2").Select
Tci = ActiveCell.Value

Range("P2").Select
Width = ActiveCell.Value

Range("K2").Select
Heat_co = ActiveCell.Value

Range("02").Select
Mass_co = ActiveCell.Value

Range("C3").Select
Loutput = ActiveCell.Value

Range("G2").Select
Flow_hot = ActiveCell.Value

Range("H2").Select
Flow_cold = ActiveCell.Value

Range("A4").Select
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Step_length = ActiveCell.Value

Range("A2").Select
Ti_cal = ActiveCell.Value

Dif =Ti_cal - Tci
Tco=Ti_cal-1
Flux=0

K=0

'loop to get cold out temperature
'MsgBox (increment)

Do While Dif >= 0

Tco = Tco - Step_length

T _cold =Tco

Range("A2").Select
Ti_cal = ActiveCell.Value

Do While increment < full_length

‘counter = counter + 1
P_cold = Exp(23.1964 - 3816.44 / (T_cold + 227.02))
P_hot = Exp(23.1964 - 3816.44 / (Ti_cal + 227.02))

Delta_T = -interval * Width * (Hv * 1000 * Mass_co * (P_hot - P_cold) + Heat_co * (Ti_cal - T_cold))
/4.2 | (Flow_hot / 60)

Ti_cal =Ti_cal + Delta_ T
T cold =T _cold + Delta_T / (Flow_cold / Flow_hot)
increment = increment + interval

Loop
'‘MsgBox (counter)

increment =0

Dif =T _cold - Tci

'MsgBox ("Dif=" & Dif)

Loop
Worksheets(2).Range("B2").Value = Tco

Worksheets(2).Range("E2") = Ti_cal
'loop to get ten values for plotting

T _cold =Tco

L=0
'‘MsgBox (T_cold)
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Range("A2").Select
Ti_cal = ActiveCell.Value

Do While K < 11

increment = interval

K=K+1

FLT(K, 1) = Flux

FLT(K,2)=L

FLT(K, 3) =Ti_cal

FLT(K, 4) =T _cold

Do While increment < full_length / 10

P_cold = Exp(23.1964 - 3816.44 / (T_cold + 227.02))
P_hot = Exp(23.1964 - 3816.44 / (Ti_cal + 227.02))

Delta_T = -interval * Width * (Hv * 1000 * Mass_co * (P_hot - P_cold) + Heat_co * (Ti_cal - T_cold))
/4.2 | (Flow_hot / 60)

Flux = Mass_co * (P_hot - P_cold) * Width * interval + Flux
Ti_cal =Ti_cal + Delta_ T
T cold =T _cold + Delta_T / (Flow_cold / Flow_hot)
increment = increment + interval
Loop
L =L+ full_length/10
'MsgBox (increment)
'‘MsgBox (L)
Loop

Worksheets(2).Range("A5:D5").Value = Array("Permeate”, "Length", "Hot Temperature”, "Cold
Temperature™)

Worksheets(2).Range("A6:D16").Value = FLT

End Sub
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11 Complex modelling programs

a. Co-current modelling program

Sub cocurrent()

Dim k_m, K, W, D, delta, Ru, M_H20O, epsilon, dm, m, tau, Patm, L1, epsilon_s, A, df, Error, tht, tct,
alpha_s, m1, Pmem, Ppore, mass_coeff, rho_h, Ph_sat, Pc_sat, Tmeant, theta, dh, L, hsp, mh, Vh, Vc,
beta, h_fg0, Lmem, Im, conductivity, Qh, Qc, x1, dx, th, tc, tfw, tpw, m_total, flux, N1, U As Double

Dim N, I, B, J, Nline As Integer

Dim FLT(1 To 10000, 1 To 6) As Double

Dim x(1 To 10000), thw(1 To 10000), tcw(1 To 10000), tf(1 To 10000), tp(1 To 10000), F(1 To 10001) As
Double

Lmem = Worksheets(1).Range("D2").Value
L = Worksheets(1).Range("C2").Value
L1=(L-Lmem)/2

W = Worksheets(1).Range("E2").Value

N = Worksheets(1).Range("A4").Value
Pmem = Worksheets(1).Range("H2").Value
Qh = Worksheets(1).Range("F2").Value

Qc = Worksheets(1).Range("G2").Value
mh = Qh / (1000# * 60)

mc = Qc / (1000# * 60)

'Pressure in pore

Ppore = Worksheets(1).Range("D4").Value
'membrane thickness

delta = 0.0001

'membrane pore size

dm = 0.000000456

'membrane conductivity

k_m = Worksheets(1).Range("A6").Value
‘conductivity of membrane + plastic sheets (two layers)
conductivity = 309#

‘parameter of spacer

df = 0.0004

hsp = 0.0008

theta = 3.1415/2

Im =0.003

epsilon_s = 0.86

‘channel depth

D =0.0008

‘inlet temperature

Th_in = Worksheets(1).Range("A2").Value
Tc_in = Worksheets(1).Range("B2").Value
'mass flowrate

‘Molar mass

M_H20 =18

Rv = 0.462

Ru = 8134#

‘parameter of spacer filament

Svsp = 4# / df
dh = 4# * epsilon_s / (2 / hsp + (1 - epsilon_s) * Svsp)
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'Define increment
dx=L/(N-1)

x1 = 0#
Nl=(L-2*L1)*N/L
Patm = 104325 'in Pa

Worksheets(1).Range(*"A10:B10").Value = Worksheets(1).Range("A2:B2").Value
th_i = Worksheets(1).Range("A2").Value
tc_i = Worksheets(1).Range("B2").Value
th=th_i

tc=tc i

B=1

beta = 1#

m_total = O#

x(1)=0

tf(1) =th_i

tp(l) =tc_i

Tmean = (tc +th) / 2

‘feed properties

rho_h =1002.6 - 0.2177 * th - 0.0020099 * th ~ 2 + 0.0000011897 * th ~ 3

vis_h = Exp(-6.3933 - 0.026299 * th + 0.000097341 * th ~ 2 - 0.00000013986 * th * 3)

cp_h = 1000 * Exp(1.4423 - 0.00084025 * th + 0.0000141 * th ~ 2 - 0.000000073846 * th ~ 3 +
0.00000000014856 * th  4)

k_h=10.56611 + 0.002048 * th - 0.000010205 * th ~ 2 + 0.000000011897 * th ~ 3

‘permeate properties

rho_c =1002.6 - 0.2177 * tc - 0.0020099 * tc ~ 2 + 0.0000011897 * tc ~ 3

vis_c = Exp(-6.3933 - 0.026299 * tc + 0.000097341 * tc ~ 2 - 0.00000013986 * tc  3)

cp_c = 1000 * Exp(1.4423 - 0.00084025 * tc + 0.0000141 * tc ~ 2 - 0.000000073846 * tc ~ 3 +
0.00000000014856 * tc ~ 4)

k_c=0.56611 + 0.002048 * tc - 0.000010205 * tc ~ 2 + 0.000000011897 * tc ~ 3

'velocities of hot and cold water;

Vh=mh/ (rho_h*W * D * epsilon_s)

V¢ = Abs(mc) / (rho_c * W * D * epsilon_s)

If x1 <L1Then
Re_h=Qh/ (60 *0.13 *0.0012) * (x1 + dx) *rho_h/ vis_h
Pr_h=cp_h*vis_h/k_h
Re_c=Qc/ (60 *0.13 *0.0012) * (x1 + dx) * rho_c / vis_c
Pr c=cp_h*vis c/k ¢
Nu_h=0.332*Re_h~0.5*Pr_h~"0.33
Nu_¢c=0.332*Re_c”~0.5*Pr_c"0.33
h_h=beta* Nu_h*k_h/(x1 + dx)
h c=beta*Nu_c*k _c/(x1+dx)
U=1#/(1/h_h+1/conductivity +1/h_c)
dQdx =U * (th - tc)
tfw =th - dQdx / h_h
tpw =tc + dQdx / h_c
m = 0#

Elself L1 <=x1 And x1 <=L -L1Then
Re_h=Vh*dh*rho _h/vis_h
Pr_h=cp_h*vis_h/k h

Re c=Vc*dh*rho c/vis ¢
Prc=cp_c*vis c/kc
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alpha_s = 1.904 * (df / D) ~ (-0.039) * epsilon_s ~ 0.75 * (Sin(theta / 2)) * 0.086
Nu_h=0.029 *alpha s*Re_h~0.8*Pr_h~0.33

Nu_c =0.029 *alpha_ s*Re ¢~ 0.8*Pr_c”0.33

h_h=beta*Nu_h*k _h/dh

h c=beta*Nu c*k c/dh

U=1/(1/hh+1/km+1/hc)

dQdx =U * (th - tc)

tfw =th - dQdx/h_h

tpw =tc + dQdx / h_c

Error = 1#

Do While Error > 0.00000001

tht = tfw
tct = tpw

Ph_sat = 1000# * Exp(-0.4702 + 0.06991 * tfw - 0.0002249 * tfw " 2 + 0.0000003563 * tfw * 3)
Pc_sat = 1000# * Exp(-0.4702 + 0.06991 * tpw - 0.0002249 * tpw ~ 2 + 0.0000003563 * tpw * 3)

Tmeant = Tmean + 273.15

Dv =0.0003939 * Tmeant * 1.5
cp_v = 1000 * (1.8653 + 0.0010881 * Tmean - 0.0000044902 * Tmean ~ 2 + 0.00000011083 * Tmean
AN 3)

Pmean_sat = 1000 * Exp(-0.4702 + 0.06991 * Tmean - 0.0002249 * Tmean ~ 2 + 0.0000003563 *
Tmean " 3)

hfg = 1000 * (1989.416 * ((373.92 - tfw) / (273.15 + 373.92)) ~ (1 / 3) + 11178.46 * ((373.92 - tfw) /
(273.15 + 373.92)) » 0.79 + 26923.69 * ((373.92 - tfw) / (273.15 + 373.92)) A (L - 1/8 + 1/3) + (-
28989.29 * ((373.92 - tfw) / (273.15 + 373.92)) + -19797.04 * ((373.92 - tfw) / (273.15 + 373.92)) A 2 +
28403.32 * ((373.92 - tfw) / (273.15 + 373.92)) A 3 + -30382.31 * ((373.92 - tfw) / (273.15 + 373.92)) ~ 4
+15210.38 * ((373.92 - tfw) / (273.15 + 373.92)) A 5))

mass_coeff = (M_H20 / (Ru * Tmeant)) * ((Ppore - Pmean_sat) / Dv + 0.75 * (2 * 3.1416 * M_H20 /
(Ru * Tmeant)) ~ 0.5/ dm) ~ (-1) * Pmem

m = mass_coeff * (Ph_sat - Pc_sat)

A=m* 3600

U=1/(1/h_h+1/(k m+m=*hfg/(tfw-tpw))+1/h c)

dQdx =U * (th - tc)

tfw =th - dQdx / h_h

tpw =tc + dQdx/h_c

Tmean = 0.5 * (tfw + tpw)

Error = 0.5 * (Abs(tht - tfw) / (tht + tfw) + Abs(tct - tpw) / (tct + tpw))
Loop

Elself x1 > (L - L1) Then
Re h=Qh/(60*0.13 *0.0012) * (x1 - L+ L1 +dx) *rho_h/vis_h
Pr_h=cp_h*vis_h/k_h
Re_c=Qc/(60*0.13 *0.0012) * (x1 - L + L1 + dx) * rho_c * epsilon_s * 0.667 / vis_c
Pr c=cp h*vis c/k ¢
Nu_h=0.332*Re_h~0.5*Pr_h~0.33
Nu_c=0.332*Re_c”*0.5*Pr_c"0.33
h_h=beta*Nu h*k h/(x1-L+L1+dx)
h c=beta*Nu_c*k c/(x1-L+L1+dx)
U=1#/(1/h_h+1/conductivity + 1/h_c)
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dQdx = U * (th - tc)
tfw =th - dQdx /h_h
tpw =tc + dQdx/h_c
m = 0#

End If

thw(1) = tfw

tew(1) = tpw

F(1) = m * 3600
m_total = m_total + m

Forl=2ToN

x(1) = x1 + dx

th =tf(l - 1) - dx * W * dQdx / (mh * cp_h)
tc =tp(l - 1) + dx * W * dQdx / (mc * cp_c)
tf(l) = th

tp(l) = tc

Tmean = (tc +th) / 2

'feed properties

rho_h =1002.6 - 0.2177 * th - 0.0020099 * th ~ 2 + 0.0000011897 * th ~ 3

vis_h = Exp(-6.3933 - 0.026299 * th + 0.000097341 * th ~ 2 - 0.00000013986 * th * 3)

cp_h = 1000 * Exp(1.4423 - 0.00084025 * th + 0.0000141 * th ~ 2 - 0.000000073846 * th ~ 3 +
0.00000000014856 * th  4)

k_h=0.56611 + 0.002048 * th - 0.000010205 * th ~ 2 + 0.000000011897 * th ~ 3

‘permeate properties

rho_c =1002.6 - 0.2177 * tc - 0.0020099 * tc ~ 2 + 0.0000011897 * tc ~ 3

vis_c = Exp(-6.3933 - 0.026299 * tc + 0.000097341 * tc ~ 2 - 0.00000013986 * tc  3)

cp_c = 1000 * Exp(1.4423 - 0.00084025 * tc + 0.0000141 * tc ~ 2 - 0.000000073846 * tc ~ 3 +
0.00000000014856 * tc ~ 4)

k_c =0.56611 + 0.002048 * tc - 0.000010205 * tc ~ 2 + 0.000000011897 * tc ~ 3

'velocities of hot and cold water;

Vh=mh/ (rho_h*W * D * epsilon_s)

Vc = Abs(mc) / (rho_c * W * D * epsilon_s)

If x1 <L1Then
Re_h=Qh/ (60 *0.13 *0.0012) * (x1 + dx) *rho_h / vis_h
Pr_h=cp_h*vis_h/k_h
Re_c=Qc/ (60 *0.13 *0.0012) * (x1 + dx) * rho_c / vis_c
Pr c=cp_h*vis c/k ¢
Nu_h=0.332*Re_h~"0.5*Pr_h~"0.33
Nu_¢c=0.332*Re_c”~0.5*Pr_c"0.33
h_h=beta* Nu_h*k_h/(x1 + dx)
h c=beta*Nu_c*k _c/(x1+dx)
U=1#/(1/h_h+1/conductivity +1/h_c)
dQdx =U * (th - tc)
tfw =th - dQdx /h_h
tpw =tc + dQdx / h_c
m = 0#
A=m
End If

If L1 <= x1 And x1 <= (L - L1) Then
Re_h=Vh*dh*rho _h/vis_h
Pr_h=cp_h*vis_h/k h

Re c=Vc*dh*rho c/vis ¢
Prc=cp_c*vis c/kc
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alpha_s = 1.904 * (df / D) ~ (-0.039) * epsilon_s ~ 0.75 * (Sin(theta / 2)) * 0.086
Nu_h=0.029 *alpha_ s*Re_h~0.8*Pr_h~0.33

Nu_c =0.029 *alpha_ s*Re ¢~ 0.8*Pr_c”0.33

h_h=beta*Nu_h*k _h/dh

h c=beta*Nu c*k c/dh

U=1/(1/hh+1/km+1/hc)

dQdx =U * (th - tc)

tfw =th - dQdx/h_h

tpw =tc + dQdx / h_c

Error = 1#
Do While Error > 0.00000001

tht = tfw
tct = tpw

Ph_sat = 1000# * Exp(-0.4702 + 0.06991 * tfw - 0.0002249 * tfw " 2 + 0.0000003563 * tfw * 3)
Pc_sat = 1000# * Exp(-0.4702 + 0.06991 * tpw - 0.0002249 * tpw ~ 2 + 0.0000003563 * tpw * 3)

Tmeant = Tmean + 273.15

Dv =0.0003939 * Tmeant * 1.5

cp_v = 1000 * (1.8653 + 0.0010881 * Tmean - 0.0000044902 * Tmean ~ 2 + 0.00000011083 * Tmean
AN 3)

Pmean_sat = 1000 * Exp(-0.4702 + 0.06991 * Tmean - 0.0002249 * Tmean ~ 2 + 0.0000003563 *
Tmean " 3)

hfg = 1000 * (1989.416 * ((373.92 - tfw) / (273.15 + 373.92)) ~ (1 / 3) + 11178.46 * ((373.92 - tfw) /
(273.15 + 373.92)) ~ 0.79 + 26923.69 * ((373.92 - tfw) / (273.15 + 373.92)) ~ (1L -1/8+1/3) + (-
28989.29 * ((373.92 - tfw) / (273.15 + 373.92)) + -19797.04 * ((373.92 - tfw) / (273.15 + 373.92)) ~ 2 +
28403.32 * ((373.92 - tfw) / (273.15 + 373.92)) ~ 3 + -30382.31 * ((373.92 - tfw) / (273.15 + 373.92)) " 4
+15210.38 * ((373.92 - tfw) / (273.15 + 373.92)) ~ 5))

mass_coeff = (M_H20 / (Ru * Tmeant)) * ((Ppore - Pmean_sat) / Dv + 0.75 * (2 * 3.1416 * M_H20 /
(Ru * Tmeant)) ~ 0.5/ dm) ~ (-1) * Pmem

m = mass_coeff * (Ph_sat - Pc_sat)

A=m*3600

U=1/(A/h_h+1/(k m+m=*hfg/(tfw-tpw))+1/h c)

dQdx =U * (th - tc)

tfw = th - dQdx / h_h

tpw = tc + dQdx / h_c

Tmean = 0.5 * (tfw + tpw)

Error = 0.5 * (Abs(tht - tfw) / (tht + tfw) + Abs(tct - tpw) / (tct + tpw))
Loop

End If

If x1 > (L-L1) Then
Re h=Qh/(60*0.13 *0.0012) * (x1 - L+ L1 +dx) *rho_h/vis_h
Pr_h=cp_h*vis_h/k_h
Re_c=Qc/(60*0.13 *0.0012) * (x1 - L + L1 + dx) * rho_c * epsilon_s * 0.667 / vis_c
Pr c=cp h*vis c/k ¢
Nu_h=0.332*Re_h~0.5*Pr_h~0.33
Nu_c=0.332*Re_c”~0.5*Pr_c"0.33
h_h=beta*Nu h*k h/(x1-L+L1+dx)
h c=beta*Nu_c*k c/(x1-L+L1+dx)
U=1#/(1/h_h+1/conductivity + 1/h_c)
dQdx = U * (th - tc)
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tfw =th - dQdx /h_h
tpw =tc +dQdx/h_c
m = 0#

End If

thw(l) = tfw
tew(l) = tpw
m_total = m_total + m

x1 =x1 + dx
F(h=A

Next I
J=0

=1

Nline = Worksheets(1).Range("E4").Value

Do While I <= N

FLT(B, 1) = tf(l)

FLT(B, 2) = tp(l)

FLT(B, 3) = thw(l)

FLT(B, 4) = tew(l)

FLT(B, 5) =x(I)

FLT(B, 6) = F(I)

B=B+1

I=1*J+ N/Nline

J=1

Loop

flux = m_total * 3600 / N1

Worksheets(1).Range("A8:F8").Value = Array("feed bulk temperature”, "permeate bulk temperature",
"feed interface temperature", "permeate interface temperature", "channel length", "permeate")

Worksheets(1).Range(*A9:F2010").Value = FLT
Worksheets(1).Range("G9").Value = flux

End Sub

b. Counter-current modelling program

Sub countercurrent()

Dim k_m, K, W, D, delta, Ru, M_H20, epsilon, dm, m, tau, Patm, L1, A, L, Pmem, epsilon_s, df, Ppore,
Error, X1, tht, tct, alpha_s, mass_coeff, rho_h, texit, Ph_sat, Pc_sat, Tmeant, theta, dh, hsp, mh, Vh, Vc,
beta, h_fg0, Lmem, Im, conductivity, Qh, Qc, dx, th, tc, tfw, tpw, m_total, flux, N1, U As Double

Dim N, I, B, J, counter, Nline As Integer

Dim FLT(1 To 1000, 1 To 6) As Double

Dim x(1 To 100000), thw(1 To 100000), tcw(1 To 100000), tf(1 To 100000), tp(1 To 100000), F(1 To
100000) As Double

Lmem = Worksheets(2).Range("D2").Value
=1

L = Worksheets(2).Range("C2").Value
L1=(L-Lmem)/2

W = Worksheets(2).Range("E2").Value

N = Worksheets(2).Range("A4").Value
Pmem = Worksheets(2).Range("H2").Value
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‘inlet temperature

'mass flowrate

Qh = Worksheets(2).Range("F2").Value
Qc = Worksheets(2).Range("G2").Value
mh = Qh / (1000# * 60)

mc = Qc / (1000# * 60)

Ppore = Worksheets(2).Range("D4").Value
'membrane thickness

delta = 0.0001

'membrane pore size

dm = 0.000000456

'membrane conductivity

k_m = Worksheets(2).Range("A6").Value
‘conductivity of membrane + plastic sheets (two layers)
conductivity = 309#

‘parameter of spacer
df = 0.0004

hsp = 0.0008

theta = 3.1416 / 2
Im = 0.003
epsilon_s=0.86
‘channel depth

D =0.0008

'Molar mass
M_H20 =18
Rv =0.462
Ru = 8134#

‘parameter of spacer filament

Svsp = 44# [ df

dh = 4# * epsilon_s/ (2 / hsp + (1 - epsilon_s) * Svsp)
'Define increment

dx=L/(N-1)

x1 = 0#

N1=(L-2*L1)*N/L

Patm = 104325 'in Pa

th_i = Worksheets(2).Range("A2").Value
tc_i = Worksheets(2).Range("B2").Value
texit=(th_i+tc_i)/2

B=1

beta = 1#

Error = 1#
counter=0
Do While Error > 0.00001

m_total = O#
th=th_i

tc = texit

x1=0

x(1)=0

tf(1) = th

tp(1) = texit

Tmean = (tc + th) / 2
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'feed properties

rho_h =1002.6 - 0.2177 * th - 0.0020099 * th ~ 2 + 0.0000011897 *th ~ 3

vis_h = Exp(-6.3933 - 0.026299 * th + 0.000097341 * th ~ 2 - 0.00000013986 * th * 3)

cp_h = 1000 * Exp(1.4423 - 0.00084025 * th + 0.0000141 * th ~ 2 - 0.000000073846 * th N 3 +
0.00000000014856 * th * 4)

k_h=0.56611 + 0.002048 * th - 0.000010205 * th ~ 2 + 0.000000011897 * th * 3

'permeate properties

rho_c =1002.6 - 0.2177 * tc - 0.0020099 * tc ~ 2 + 0.0000011897 * tc * 3

vis_c = Exp(-6.3933 - 0.026299 * tc + 0.000097341 * tc * 2 - 0.00000013986 * tc " 3)

cp_c = 1000 * Exp(1.4423 - 0.00084025 * tc + 0.0000141 * tc ~ 2 - 0.000000073846 * tc N 3 +
0.00000000014856 * tc ™ 4)

k_c=0.56611 + 0.002048 * tc - 0.000010205 * tc ~ 2 + 0.000000011897 * tc * 3

'velocities of hot and cold water;

Vh=mh/(rho_h*W * D * epsilon_s)

Vc = Abs(mc) / (rho_c * W * D * epsilon_s)

If xX1 <L1Then

Re_h=Qh/ (60 *0.13 *0.0012) * (x1 + dx) *rho_h/ vis_h
Pr_h=cp_h*vis_h/k_h

Re_c=Qc/ (60 *0.13 *0.0012) * (x1 + dx) * rho_c / vis_c
Prc=cp_h*vis c/k ¢
Nu_h=0.332*Re_h~0.5*Pr_h~"0.33
Nu_¢c=0.332*Re_c”~0.5*Pr_c"0.33

h_h=beta* Nu_h*k_h/(x1 + dx)

h c=bheta*Nu_c*k c/(x1+dx)
U=1#/(1/h_h+1/conductivity +1/h_c)

dQdx = U * (th - tc)

tfw = th - dQdx / h_h

tpw =tc + dQdx / h_c

m = 0#

Elself L1 <= x1 And x1 <=L - L1 Then

Re_h=Vh*dh*rho_h/vis_h

Pr h=cp_h*vis_ h/k h

Re_c=Vc*dh*rho _c/vis ¢

Prc=cp c*visc/k c

alpha_s = 1.904 * (df / D) ~ (-0.039) * epsilon_s ~ 0.75 * (Sin(theta / 2)) * 0.086
Nu_h =0.029 * alpha_s *Re_h 0.8 * Pr_h ~ 0.33
Nu_c =0.029 * alpha_ s*Re ¢~ 0.8*Pr_c”"0.33
h_h=beta* Nu_h*k_h/dh

h_ c=beta*Nu_c*k c/dh

U=1/(1/h h+1/km+1/hc)

dQdx =U * (th - tc)

tfw =th - dQdx /h_h

tpw =tc + dQdx / h_c

Error = 1#

Do While Error > 0.0001

tht = tfw
tct = tpw

Ph_sat = 1000# * Exp(-0.4702 + 0.06991 * tfw - 0.0002249 * tfw ~ 2 + 0.0000003563 * tfw " 3)
Pc_sat = 1000# * Exp(-0.4702 + 0.06991 * tpw - 0.0002249 * tpw ~ 2 + 0.0000003563 * tpw " 3)

Tmeant = Tmean + 273.15
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Dv =0.0003939 * Tmeant * 1.5
cp_v = 1000 * (1.8653 + 0.0010881 * Tmean - 0.0000044902 * Tmean ~ 2 + 0.00000011083 *
Tmean * 3)

Pmean_sat = 1000 * Exp(-0.4702 + 0.06991 * Tmean - 0.0002249 * Tmean ” 2 + 0.0000003563 *
Tmean " 3)

hfg = 1000 * (1989.416 * ((373.92 - tfw) / (273.15 + 373.92)) A (1 / 3) + 11178.46 * ((373.92 - tfw) /
(273.15 + 373.92)) » 0.79 + 26923.69 * ((373.92 - tfw) / (273.15 + 373.92)) A (1 - 1/8 + 1/3) + (-
28989.29 * ((373.92 - tfw) / (273.15 + 373.92)) + -19797.04 * ((373.92 - tfw) / (273.15 + 373.92)) A 2 +
28403.32 * ((373.92 - tfw) / (273.15 + 373.92)) A 3 + -30382.31 * ((373.92 - tfw) / (273.15 + 373.92)) ~ 4
+15210.38 * ((373.92 - tfw) / (273.15 + 373.92)) * 5))

mass_coeff = (M_H20 / (Ru * Tmeant)) * ((Ppore - Pmean_sat) / Dv + 0.75 * (2 * 3.1416 * M_H20
/ (Ru* Tmeant)) ~ 0.5/ dm) ~ (-1) * Pmem

m = mass_coeff * (Ph_sat - Pc_sat)

A=m* 3600

U=1/(1/h h+1/(k m+m=*hfg/(tfw-tpw))+1/h c)

dQdx =U * (th - tc)

tfw = th - dQdx / h_h

tpw=tc + dQdx/h_c

Tmean = 0.5 * (tfw + tpw)

Error = 0.5 * (Abs(tht - tfw) / (tht + tfw) + Abs(tct - tpw) / (tct + tpw))

Loop

Elselfx1 > L -L1Then

Re h=Qh/(60*0.13 *0.0012) * (x1 - L+ L1 +dx) *rho_h/vis_h
Pr_h=cp_h*vis_h/k_h

Re_c=Qc/(60*0.13 *0.0012) * (x1 - L + L1 + dx) * rho_c * epsilon_s * 0.667 / vis_c
Pr c=cp_h*vis c/k c

Nu_h=0.332*Re_h~0.5*Pr_h~0.33
Nu_c=0.332*Re_c”*0.5*Pr_c"0.33
h_h=beta*Nu_h*k_h/(x1-L+L1+dx)

h c=beta*Nu c*k c/(x1-L+L1+dx)
U=1#/(1/h_h+1/conductivity +1/h_c)

dQdx = U * (th - tc)

tfw =th - dQdx / h_h

tpw =tc + dQdx / h_c

m = 0#

End If

thw(1) = tfw

tew(1) = tpw

m_total = m_total + m
F(1) = m * 3600

Forl=2ToN

x(1) = x1 + dx

th=tf(l - 1) - dx * W * dQdx / (mh * cp_h)
te=tp(l - 1) - dx *W *dQdx / (mc * cp_c)
tf(l) = th

tp(l) =tc

Tmean = (tc + th) / 2

‘feed properties
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rho_h =1002.6 - 0.2177 * th - 0.0020099 * th ~ 2 + 0.0000011897 *th ~ 3

vis_h = Exp(-6.3933 - 0.026299 * th + 0.000097341 * th ~ 2 - 0.00000013986 * th * 3)

cp_h = 1000 * Exp(1.4423 - 0.00084025 * th + 0.0000141 * th ~ 2 - 0.000000073846 * th ~ 3 +
0.00000000014856 * th "~ 4)

k_h=0.56611 + 0.002048 * th - 0.000010205 * th ~ 2 + 0.000000011897 * th ~ 3

'permeate properties

rho_c =1002.6 - 0.2177 * tc - 0.0020099 * tc ~ 2 + 0.0000011897 * tc * 3

vis_c = Exp(-6.3933 - 0.026299 * tc + 0.000097341 * tc ~ 2 - 0.00000013986 * tc " 3)

cp_c = 1000 * Exp(1.4423 - 0.00084025 * tc + 0.0000141 * tc ~ 2 - 0.000000073846 * tc N 3 +
0.00000000014856 * tc ™ 4)

k_c=0.56611 + 0.002048 * tc - 0.000010205 * tc ~ 2 + 0.000000011897 * tc * 3

'velocities of hot and cold water;

Vh=mh/(rho_h*W * D * epsilon_s)

Vc = Abs(mc) / (rho_c * W * D * epsilon_s)

tf(1) = th
tp(l) =tc

If x1 <L1Then

Re h=Qh/(60*0.13 *0.0012) * (x1 + dx) *rho_h/vis_h
Pr_h=cp_h*vis_h/k_h

Re ¢=Qc/ (60 *0.13 *0.0012) * (x1 + dx) *rho_c/vis_c
Pr c=cp_h*vis c/k ¢
Nu_h=0.332*Re_h~0.5*Pr_h~"0.33
Nu_¢c=0.332*Re_c”~0.5*Pr_c"0.33

h_h=beta* Nu_h*k_h/(x1+ dx)
h_c=beta*Nu_c*k_c/(x1+dx)
U=1#/(1/h_h+1/conductivity +1/h _c)

dQdx = U * (th - tc)

tfw =th - dQdx /h_h

tpw =tc + dQdx / h_c

m = 0#

A=m

Elself L1 <=x1 And x1 <=L - L1 Then

Re_h=Vh*dh*rho_h/vis_h

Pr h=cp_h*vis_ h/k h

Re_ c=Vc*dh*rho _c/vis ¢

Pr c=cp c*vis c/kc

alpha_s =1.904 * (df / D) ~ (-0.039) * epsilon_s ~ 0.75 * (Sin(theta / 2)) * 0.086
Nu_h =0.029 * alpha_s*Re_h 0.8 * Pr_h ~ 0.33
Nu_c =0.029 * alpha_ s*Re ¢~ 0.8*Pr_c”0.33
h_h=beta*Nu_h*k_h/dh

h c=beta*Nu_c*k c/dh
U=1/(1/h_h+1/km+1/h¢c)

dQdx =U * (th - tc)

tfw =th - dQdx /h_h

tpw =tc + dQdx / h_c

Error = 1#

Do While Error > 0.0001

tht = tfw
tct = tpw

Ph_sat = 1000# * Exp(-0.4702 + 0.06991 * tfw - 0.0002249 * tfw ~ 2 + 0.0000003563 * tfw " 3)
Pc_sat = 1000# * Exp(-0.4702 + 0.06991 * tpw - 0.0002249 * tpw ~ 2 + 0.0000003563 * tpw " 3)
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Tmeant = Tmean + 273.15
Dv =0.0003939 * Tmeant ~ 1.5

Pmean_sat = 1000 * Exp(-0.4702 + 0.06991 * Tmean - 0.0002249 * Tmean ~ 2 + 0.0000003563 *
Tmean " 3)

hfg = 1000 * (1989.416 * ((373.92 - tfw) / (273.15 + 373.92)) ~ (1 / 3) + 11178.46 * ((373.92 - tfw) /
(273.15 + 373.92)) ~ 0.79 + 26923.69 * ((373.92 - tfw) / (273.15 + 373.92)) A (1 - 1/8 + 1/3) + (-
28989.29 * ((373.92 - tfw) / (273.15 + 373.92)) + -19797.04 * ((373.92 - tfw) / (273.15 + 373.92)) 2 +
28403.32 * ((373.92 - tfw) / (273.15 + 373.92)) A 3 + -30382.31 * ((373.92 - tfw) / (273.15 + 373.92)) ~ 4
+15210.38 * ((373.92 - tfw) / (273.15 + 373.92)) A 5))

mass_coeff = (M_H20 / (Ru * Tmeant)) * ((Ppore - Pmean_sat) / Dv + 0.75 * (2 * 3.1416 * M_H20
/ (Ru* Tmeant)) ~ 0.5/ dm) ~ (-1) * Pmem

m = mass_coeff * (Ph_sat - Pc_sat)

A=m* 3600

U=1/(1/h h+1/(k m+m=*hfg/(tfw-tpw))+1/h c)

dQdx =U * (th - tc)

tfw = th - dQdx / h_h

tpw=tc + dQdx/h_c

Tmean = 0.5 * (tfw + tpw)

Error = 0.5 * (Abs(tht - tfw) / (tht + tfw) + Abs(tct - tpw) / (tct + tpw))

Loop

Elself x1 > L-L1 Then

Re h=Qh/(60*0.13 *0.0012) * (x1 - L+ L1 +dx) *rho_h/vis_h
Pr_h=cp_h*vis_h/k_h

Re_c=Qc/(60*0.13 *0.0012) * (x1 - L + L1 + dx) * rho_c * epsilon_s * 0.667 / vis_c
Pr c=cp_h*vis c/k c

Nu_h=0.332*Re_h~0.5*Pr_h~0.33
Nu_c=0.332*Re_c”*0.5*Pr_c"0.33
h_h=beta*Nu_h*k_h/(x1-L+L1+dx)

h c=beta*Nu c*k c/(x1-L+L1+dx)
U=1#/(1/h_h+1/conductivity +1/h_c)

dQdx = U * (th - tc)

tfw = th - dQdx / h_h

tpw =tc + dQdx / h_c

m = 0#

A=m

End If

thw(l) = tfw

tew(l) = tpw

m_total = m_total + m

x1 =x1 +dx

F()=A

Next |
Error = Abs(tp(N) - tc_i)
texit = texit + tc_i - tp(N)
Loop

Worksheets(2).Range(*'B4").Value = tf(N)
Worksheets(2).Range("C4").Value = tp(1)
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Nline = Worksheets(2).Range("E4").Value

J=0

1=1

Do While | <= N
FLT(B, 1) =x(I)
FLT(B, 2) =tf(l)
FLT(B, 3) =tp(l)
FLT(B, 4) = thw(l)
FLT(B, 5) = tcw(l)
FLT(B, 6) = F(I)
B=B+1
I=1*J+ N/Nline
J=1

Loop

flux = m_total * 3600 / N1
Worksheets(2).Range(*"A8:F8").Value = Array(“channel length”, "feed bulk temperature”, "permeate bulk

temperature"”, "feed interface temperature”, "permeate interface temperature", "permeate")
Worksheets(2).Range(*"A9:F1003").Value = FLT
Worksheets(2).Range("G9").Value = flux

End Sub
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