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Abstract

Six modules with different packing densities and lengths were fabricated for conducting
vacuum membrane distillation (VMD) experiments. The performances of the modules with
different packing densities showed similar results for flux at different temperature and feed
velocities. However, shorter modules show both higher flux and global mass transfer
coefficient than that of longer modules. It was also found that the increased flux at higher
velocity was largely due to the increased average feed temperature rather than reduced
temperature polarisation. The flux decay in this study was considered to be caused by gradual
compression of the membrane which was confirmed by a compression test. This phenomenon
should be noted in the study of VMD, since the pressure difference across the membrane is in
general more than 100 kPa and the porosity of the membrane is in general high which results
in reduced mechanical strength.
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1. Introduction

Membrane distillation (MD) is a membrane based thermal process [1, 2], for which the
driving force is a vapour pressure difference across the membranes. MD is capable of
utilising low grade heat sources to produce (or remove) water at relative low temperature (40
— 80 °C) compared to other thermal processes [3], and is not significantly affected by salt
concentration as in Reverse Osmosis. Therefore, MD is a potential alternative for applications
such as desalination utilising low grade heat, concentration of thermally sensitive solutions
and the treatment of wastewater of high-salt concentration [2].

MD membranes are porous and hydrophobic, and theoretically only permeate vapour can
be transferred across the membrane. The production of permeate is directly related to the
membrane area and, for a given module, high packing densities are desirable, particularly
with low driving forces (i.e. low temperatures) as they provide large mass transfer areas per
unit volume. In MD, one side of the membrane is in contact with the liquid feed, and the
other side (permeate side) can be under vacuum (Vacuum Membrane Distillation - VMD), in
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contact with liquid permeate (Direct Contact Membrane Distillation - DCMD)), static air (Air
Gap Membrane Distillation - AGMD) or moving gas (Sweep Gas Membrane Distillation -
SGMD) [1, 4, 5].

In DCMD, hollow fibres can provide greater surface area per unit volume than flat sheet
configurations, but suffer from poor hydrodynamic conditions on the shell side [6] leading to
temperature polarisation and poor performance. Application of hollow fibres in VMD
negates these concerns as vacuum may be applied on the shell side minimizing the
hydrodynamic issues that may arise in DCMD.

In VMD, the absolute hydrodynamic pressure of the feed stream needs to be controlled so
that it is lower than the minimum Liquid Entry Pressure (LEP) to avoid wetting of the
membrane and the permeate (vapour) pressure is often maintained below the equilibrium
vapour pressure by a vacuum pump. In this configuration the vapour does not condense in the
module chamber, instead it is drawn out of the MD module by the vacuum and condenses in
an external condenser. The pressure difference between the two sides of the membrane causes
convective mass flow through the pores that contributes to the total mass transfer of VMD.
Compared with DCMD and AGMD where there is only the diffusive flux of volatile
components within the membrane pores, the mass flux of VMD is generally higher than that
of other MD configurations when the vapour pressure difference is the same. Heat conduction
through the membrane in VMD is in general negligible due to the insulating nature of the
vacuum on the permeate side. Thus, the single-pass thermal efficiency of the VMD is higher
than that of DCMD and AGMD.

Of the four configurations, VMD has attracted the least attention from researchers [2, 5],
and there are little data available on pilot testing. The aims of this work were to understand
the effect of membrane compressibility on the performance of VMD, and how the
performance of the VMD was affected by hollow fibre packing density, module length, feed
velocity, vacuum pressure and feed temperature. The results will serve as a preliminary guide
for module design and operational parameter optimisation.

2. Mass and heat transfer mechanism in VMD
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Fig. 1 Schematic diagram of mass and heat transfers in VMD

A schematic diagram of mass and heat transfer across the membrane in VMD is shown in
Fig. 1, where T and T, are the bulk and interface temperatures of the feed, Pyupour, 1 and
Pyacuum are the pressures of vapour at feed interface and the vacuum chamber, and Py is the
hydraulic pressure applied on the membrane surface. The mass transfer through a porous MD
membrane can be interpreted by three fundamental mechanisms: Knudsen diffusion,
molecular diffusion and Poiseuille flow [7, 8]. The Knudsen number (Kn) defined as:

Kn=1/d (1)

and is used to judge the dominating mechanism of the mass transfer in the pores. Here, / is
the mean free path of the transferred gas molecules and d is the mean pore diameter of the
membrane.

In membrane distillation, the pores size of hydrophobic membranes used are generally in
the range of 0.1 to 1.0 um [9] and the mean free path of the water is 0.11 um at 60 °C under
atmospheric pressure [10]. Thus, the Knudsen number is in the range of 0.11 - 0.55.

In VMD, if the vacuum pressure is less than the vapour pressure, it is generally assumed
that only a single gas component is permeating [2, 11, 12], and the average pressure in the
pores will be no greater than 10 kPa if the feed inlet temperature of 60 °C (vapour pressure
about 20 kPa at this temperature) and the pressure on the permeate side is in range of 1 - 3
kPa absolute. Mass transfer in VMD is single-gas convective mass flow driven by the
pressure difference in the pores between the saturated vapour pressure at the feed/membrane
interface and the vacuum pressure in the shell. Although the mass transfer (mass diffusion in
gas mixture) in DCMD and AGMD is also driven by the vapour pressure across the pores,
there is no convective mass flow in the pores (total absolute pressure difference across the
membrane equals zero) as occurs in VMD where the pressure difference also acts as a driving
force for Poiseuille flow in the pores. Therefore, the dominating mass transfer mechanism
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within the pores is Poiseuille flow - Knudsen diffusion transition mechanism [2, 10] and can
be simplified as:
Flux = CAP 2)

where C is the global mass transfer coefficient, AP =P P is the vapour

vapour T s yean vacuum

pressure difference between that in the vacuum chamber and that vapour pressure calculated
at temperature 7y,.q., (mean temperature of the feed flow).

The heat transfer from the bulk feed stream to the vacuum chamber across a hollow fibre
wall can be expressed as:

Qf,transfer = FCp (Tf,i - Tf,o) = af,mean (Tf',mean - Ti,mean)A = CAPHI

atent

A
A + Z(Ti,mean - T;hell )A (3)

where Ofyangfer 1 the absolute overall heat transfer, F' is the mass flowrate of the feed, C, is
the specific heat of the feed, 4 is the membrane area, b=rIn(r,/r) is nominal wall

thickness, Hen: 1s the latent heat of the permeate, a, is the convective heat transfer
coefficient, Ty 1s the temperature in the vacuum chamber, 7; and 7, are the inner and outer
radii of the hollow fibre, and 4 is the thermal conductivity of the hollow fibre.
The convective heat transfer coefficient can be defined as:

_ Nui,

==

1

(4)

ay

Here, where Nu is Nusselt number, d; is the inner diameter of the hollow fibre and A, is the
thermal conductivity of the water.
The global heat transfer coefficient agopa across the membrane can be calculated based on
overall heat balance:

Fcp (T i Tf,a) - Flux ’ AHlatent = agluba/ (T ,mean T;'hell)A (5)

The ratio of the thermal energy used for evaporation to the total thermal energy lost from
the feed stream can be calculated by:

— NK—PAHlatent % 100% (6)
FC,(T;;~T;,)
The temperature polarisation coefficient (7PC) in VDM can be defined as:
T, —T
TPC — 1,mean shell (7)
f,mean - 7-'shell

3. Experimental
3.1 Experimental conditions

Six modules of various lengths, packing densities and membranes (provided by Siemens
Water Technologies) were fabricated as listed in Table 1. The module cases were
polyethylene pipes with an inner diameter of 25 mm. Two hollow fibre membranes, A and B,
were made from the same fluorine containing material and had similar nominal pore sizes and
porosity of 0.3 pm and 85 +2%. However, the membrane permeability (permeability
=de/t-b; ¢ and rare the porosity and tortuosity of the membrane, respectively) measured
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with the gas permeability method described by [2] for membrane A and B were 8.95x10™
and 1.75x107. Since the thickness, pore size and porosity of the membranes A and B were
similar, it indicates that the tortuosity of membrane A was about twice that of membrane B.

Table 1
Specification of the fabricated modules
Module length Packing density

membrane (mm) %) Fibre pieces
ID oD 250 32 63
A (mm) (mm) 250 40 80
0.8 1.5 250 48 97
D oD 150 40 80
B (mm) (mm) 250 40 80
0.7 1.4 350 40 80

The VMD experimental setup is shown in Fig. 2. Five or six different velocities and four
different temperatures were tested for each module as listed in Table 2. Each experiment was
stabilised for 1 hour before the experimental results were recorded and lasted no less than 3 h.
The membrane was relaxed overnight (at least eight hours) between tests using the same
module. The feed reservoir weight was recorded every 15 to 30 min. The relationship
between the flux and the vacuum pressure was also studied using a module length of 25 cm
with membrane B. The vapour permeate was condensed by chilled water at 3.6 °C in a heat
exchange. The flux was calculated based on the weight reduction of the feed reservoir. Tap
water with conductivity of 120 uS was used as feed, and salt rejection in all results reported
here was greater than 99%.

Table 2
Experimental conditions for different membrane packing densities and module lengths
Membrane Velocities Temperatures
(m/s) (°C)
0.40-2.56 40 -70
A 0.40-2.10 40-70
0.40-2.10 40-70
0.56-2.78 40-70
B 1.15 60
0.56-2.78 40-70
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Fig. 2 Schematic diagram of the experimeatal setup for VMD

3.2 Liquid Entry pressure (LEP) and membrane compressibility tests

The apparatus as outlined in Fig. 3 was used to test the LEP and compressibility of the
hollow fibre membranes. In the test, compressed air was injected into a buffer cylinder. A
pressure gauge was used to monitor the pressure of the injected air. An increment of 10 kPa
was used to increase the pressure between readings. After the pressure reached the required
value, the upstream valve was closed and the downstream valve was opened. Then, the air
pressure was applied to the deionised water in a pipette (accuracy 0.005 mL) connected to a
hollow fibre module.

In the LEP test, 20 wt% NaCl solution was filled in the pipette. Conductivity changes of
200 mL deionised water (DIW) at 20 °C in the stirred beaker surrounding the hollow fibre
module was monitored by a conductivity meter (HANNA HI 9032), and the approximate
constant pressure (0.1 Pa) was maintained for 1 min at each test pressure to allow detection
of any transport of NaCl through the membrane. This technique was based on the technique
described in [13]. The calculated LEP of both membranes was 185 + 10 kPa based on the
method presented [13].

For the compressibility test, four pieces of fibre of 40 - 50 cm length were employed for
each test module, and DIW was used in the LEP test pipette instead of NaCl solution. Both
ends of the hollow fibre were potted on the same side of the module as shown in Fig. 2, and
deionised water was injected into one end of the fibre to remove air trapped in the lumen
before being connected to the pipette. Because the hollow fibre module was connected to the
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pipette with silicon tubing, a blank test was performed to account for the volume change
associated with the compressibility of the silicon tube. The hollow fibre was also soaked in
deionised water at 20 °C to avoid any volume change caused by evaporation, which occurred
if the module was placed in air. The volume was recorded when there was no obvious volume
change for a 30 second period, and the pressure was increased in 10 kPa increments from 10
to 100 kPa. The test was conducted for two different membranes due to availability (Fibre 1
and Fibre 2 had similar characteristics to membrane A and B, but was from a different
fabrication batch from the same laboratory scale machine) and repeated three times for each
membrane sample.

Pressure gauge

Buffer Cylinder DI Water for
compressibility
test, or 20 wt%

NaCl solution for

C d ai
ompressed air ? LEP test
Air Pipette
DI Conductivity
meter
a Stirrer
_—=
Manometer

Fig. 3 Schematic diagram of the LEP and compressibility test apparatus
4. Results and discussion
4.1 Influence of module design on VMD performance

The experiments were conducted by comparing the performance of assembled membrane
modules with different membrane packing densities (membrane A) and different membrane
lengths (membrane B) at various velocities and temperatures. Based on the experimental
variability and the deviation around the calculated mean value, the error bars were +10% for
the flux and mass transfer coefficients, +5% for vacuum pressure, +3% for thermal
efficiency, £2% for velocities, and +1% for temperatures, respectively.

Figs. 4 and 5 show the flux and thermal efficiency of the modules (membrane A) with
different packing densities at different velocities and temperatures. It was found from these
results that the packing densities of the hollow fibre membranes did not show any obvious
influence on the flux of the modules.

The influence of feed velocity on both the global mass transfer coefficient and flux are
shown in Fig. 4a. With increasing velocity, although there was an obvious increase of flux,
the global mass transfer coefficient only increased slightly and did not show a trend as strong
as it has for DCMD [13]. Based on Eq. (2), the flux is a function of the global mass transfer
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coefficient and vapour pressure difference. As the global mass transfer coefficient (C) only
varied slightly at different stream velocities, the flux variation at different velocities was
largely due to changes of the vapour pressure difference as the average bulk feed temperature
increased at higher velocity due to changes in the temperature profile. In calculating the
global mass transfer coefficient, these changes in temperature profile and resultant vapour
pressure differences are accounted for, so the global mass transfer coefficient (C) was mainly
determined by the membrane properties and the mass transfer resistance in the boundary
layer (theoretically thinned at higher velocity) [8, 13]. The global mass transfer coefficient
rose by only 20% and the flux by 50% (packing density of 48%) in the tested velocity range.
However, a 53% increase of the global mass transfer coefficient and 73% of flux were
reported in paper [13] where hollow fibre DCMD was studied. Therefore, it can be concluded
that the boundary layer thickness had a relatively small influence on flux in hollow fibre
VMD, particularly compared with DCMD results from our previous study.
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Fig. 4 Flux and mass transfer coefficients of modules with different packing densities
(membrane A: vacuum pressure = 3 + 1 kPa absolute)

Figs. 4a with 4b show the global mass transfer coefficients were affected more by the feed
temperature than that of the feed velocity, which is opposite to the findings for DCMD [8]. At
different feed temperatures as shown in Fig. 4b, the flux for VMD increased exponentially,
which is similar to the findings in DCMD [5, 14]. The global mass transfer coefficient
declined with temperature due to increased temperature polarisation on the feed side [14]. As

a rough estimation, based on Leveque’s equation ( Nu=1.615(RePrd,/L)"’ for Reynolds

number <2100, laminar flow) [15] the calculated Nusselt numbers at different temperatures
were about the same under the experimental conditions (the ratio is between 0.99 to 1.02).
Therefore, based on Eq. (4), it can be found that the convective heat transfer coefficient (ay) is
only affected by the water thermal conductivity and increases roughly by 7% as the
temperature rises from 40 to 70 °C [16]. However, the flux at 70 °C was 2.8 times of the flux
at 40 °C. Therefore, based on Eq. (5), the calculated temperature difference between that of
the bulk feed flow (7fmean) and that of the membrane interface (77 mean) Was increased 2.8
times when temperature increase from 40 to 70 °C (the sensible heat loss only account for 1 -
5% of the total heat loss from the feed). Eq. (7) can be converted to:

r..—-T,,+T T r..-T

TPC — Ti,mean - nhell — 1,mean shell f,mean - f,mean — 1 + 1,mean f,mean (8)
f.mean ];hell Tf,mean - ];hell 7Wf,mean - 7Wshell

As the mean shell temperatures measured experimentally at feed temperatures of 40 °C
(Ttmean = 37 °C) and 70 °C (Tmean = 65 °C) were respectively 25 °C and 42 °C and assuming a
= T],mean - T;‘,'mean at 40 OC, then
at 40 °C:



a a

TPC =1- =1-— )
37-25 12

at 70 °C:

TPC=1--284 _j_ 4 (10)
65-42 6.1

Since a is greater than 0, it can be found the calculated 7PC at 70 °C should be smaller
than that of at 40 °C, which means the temperature polarisation was worse at 70 °C. The
Reynolds number of 1600 at 70 °C feed temperature was higher than the Reynolds number of
950 at 40 °C feed temperature, so there was greater turbulence at 70 °C feed temperature.
Therefore, the raised temperature polarisation with the increasing temperature was largely
caused by increased heat transfer across the boundary layer due to the higher flux, as the
hydrodynamic boundary layer effects improved at higher temperature.

As shown in Figs. 5a and 5b, the thermal efficiency of the VMD was almost independent
of the velocities and temperatures, in which the average values were all greater than 90% and
the maximum values were almost 98% under all tested conditions. The nearly constant
thermal efficiency under the varied conditions is due to the negligible sensible heat loss in
VMD [2, 17-19], which is different from that in DCMD [8, 13] where increases in thermal
efficiency occurred with increasing feed temperature and velocity.
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a. Thermal efficiency at different velocities (feed temperature = 60 + 2 °C)
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Fig. 5 Thermal efficiency of modules with different packing densities
(membrane A: vacuum pressure = 3 + 1 kPa absolute)

The flux and global mass transfer coefficients of the modules with different lengths
(membrane B) at different velocities and temperatures are shown in Figs. 6a and 6b, which
shows similar trends to Fig. 4a and 4b.

It can be seen that the shorter module has a higher flux than the longer modules at different
temperatures and velocities because of the higher average bulk feed temperature in the
shorter module, which was similar to the results from DCMD [20]. Based on Leveque’s
equation, a higher global mass transfer coefficient is expected for shorter modules due to a
larger convective heat transfer coefficient than that of longer membrane. However, the
difference of the global mass transfer coefficient between the short and long module seems to
not depend solely on the length difference. For example, the under the same conditions
(velocity = 0.6 m/s), the Nusselt number of 15 cm module is about 1.3 times of 35 cm module
using the Leveque equation, and should be similar to Nusselt number of 35 com module with
feed velocity of 1.4 m/s (0.6 m/s % (35 cm/15 cm)). Therefore, in figure 6a, the 35 cm module
with feed velocity of 1.7 m/s should have a greater convective heat transfer coefficient than
that of the 15 cm module with feed velocity of 0.6 m/s. As the global mass transfer
coefficient is the function of boundary layer conditions and membrane properties, a greater
global mass transfer coefficient should also be seen if the membrane properties are constant.
However, the global mass transfer coefficient of the 15 cm module with feed velocity of 0.6
m/s was about 50% greater than that of the 35 cm module. Thus, the membrane length is not
the dominant factor causing the variation of global mass transfer coefficient. This
phenomenon is difficult to explain based only on hydrodynamic theory, which will be
illustrated later.
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The global mass transfer coefficients declined with increasing temperature (Fig 6b), similar
to the trends shown in Fig 4b. Increased temperature polarisation was considered to occur
with increased feed temperature because of the greater rate of evaporation occurring at the
membrane surface due to the higher temperature and resultant vapour pressure.
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Fig. 6 Flux of modules with different lengths
(membrane B: vacuum pressure = 3 + 1 kPa absolute)
The thermal efficiency of the modules with different membrane lengths is shown in Fig. 7,

and was in the range of 0.90 - 0.99. The thermal efficiency was independent of or only
12



slightly affected by the experimental temperatures and velocities, with all results being within
the range of experimental error.
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Fig. 7 Thermal efficiency of modules with different membrane lengths
(membrane B: vacuum pressure = 3 + 1 kPa absolute)

The dependency of the flux on vacuum pressure is presented in Fig. 8. The flux increased
dramatically as the absolute pressure in the shell side reduced to less than 20 kPa, which is
close to the saturated vapour pressure of the feed water at 60 °C (vapour pressure = 19.9 kPa).
At this point, the vapour pressure at the pore interface on the feed side became greater than
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the pressure at pore interface on the permeate side, and a dramatic increase in vapour flow
occurs as the water boils. As the air in the pore will be completely replaced by the water
vapour, the dominant transfer mechanism changes from molecular - Knudsen diffusion to
Poiseuille flow - Knudsen diffusion transition mechanism [2].
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Fig. 8 Flux varies with the absolute pressure on shell
(membrane B: feed temperature = 60 + 2 °C, feed velocity = 1.15 £+ 0.05 m/s, membrane
length =25 cm)

4.2 Influence of membrane compressibility on VMD performance

It was found experimentally that the flux declined continuously during the experimental
period as shown in Fig. 9. The flux of high feed velocity became similar to that at lower
velocity after 3 h as shown in Fig. 9a. At different temperatures, the three curves were almost
parallel to each other as shown in Fig. 9b. It was initially speculated that the flux decay may
be caused by membrane scaling, because tap water with conductivity of 100 uS was used as
feed to monitor for possible leakage of the feed to the permeate side.
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Fig. 9 Flux decline with time
(membrane A: packing density = 40%, vacuum pressure = 3 = 1 kPa absolute)

A comparison test using DIW was conducted to verify this speculation, and the results are
shown in Fig. 10. Fig. 10 also shows the results for tap water as the feed for comparison. It
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was found that the flux also declined when deionised water was used as feed, and there was
no observed flux difference between the deionised water and tap water (TW) feeds.
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Fig. 10 Comparison of flux decline of DIW to TW
(Hollow fibre A: packing density = 40%, inlet temperature = 60 + 2 °C, stream velocity = 1.7
+ 0.05 m/s, vacuum pressure = 3 = 1 kPa absolute)

It was therefore speculated that the properties of the membrane may have changed
gradually during the experimental period due to compression of the membrane under the high
pressure difference (from 100 to 180 kPa depending on the feed velocity). The
compressibility of a PTFE flat sheet membrane has been observed in DCMD at a feed
pressures of 60 kPa [20], and similar effects in VMD might be possible. To verify this
speculation, experiments were conducted to measure the volume change of the hollow fibre
membrane under different pressure. Fig. 11 shows the test results for the membrane volume
change and the calculated membrane thickness change with pressure based on the fitting
equations shown in Fig. 11.
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Fig. 11 Membrane volume change during compression in water at 20 °C

The compressibility test confirmed that the hollow fibre membranes used in the
experiments were compressible. As discussed in paper [21], the compression of the
membranes will lead to reduced porosity and nominal pore size and an increase in sensible
heat transfer coefficient and subsequently sensible heat loss. For the VMD results in Figs. 9
and 10, the temperature and pressure were both higher than those of the compressibility test
and the hydraulic pressure applied on the membrane surface was sustained for a much longer
(3 — 5h) time than that in the compressibility test. Therefore greater compression may be
expected during the VMD experiments than that in the volume change tests.
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The compressed membrane will also show increased thermal conductivity as found in [20,
21]. The global heat transfer coefficients for the hollow fibre membranes in this study were
calculated by Eq. (5), and its relationship against velocity and feed pressure is shown in Fig.
12. Based on Leveque equation and Eq. (4), the Nusselt number at feed velocity of 1.68 m/s
was about 1.54 times of that of 0.42 m/s under the same conditions as data shown in Fig. 12.
However, the global thermal conductivity at 1.68 m/s was about 3.43 times that at 0.42 m/s.
Therefore, the variation of the global heat transfer coefficient was caused by the change of
thermal conductivity of the hollow fibre. The global heat transfer coefficient (thermal
conductivity) increased fast initially with escalating pressure, and plateaued when the
pressure difference increased above 150 kPa. The plateau maybe represent that the membrane
was approaching complete deformation.

Based on this finding, it was speculated that the smaller global mass transfer coefficients of
the long module in Fig. 6 may also be due to the higher pressure drop along the module
(causing greater membrane compression) than that of the short module.

As seen in Fig. 9a, the flux difference due to feed velocities reduced as the experiments
progressed. This may be due to the co-effects of reduced permeability and increased thermal
conductivity of the compressed membranes. The higher interfacial temperature at high
velocity will produce less specific permeate and lead to more heat loss than that of low
interfacial temperatures at low velocity. However, at different temperatures but same feed
velocity in Fig. 9b, the flux decline rates with time were 25.7%, 33.3%, and 33.3%,
respectively at 70, 50 and 40 °C, which were very similar. The slight difference may be due

to the hydraulic pressure difference caused by the temperature difference (16.8, 21.2 and 22.4
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kPa respectively at 70, 50 and 40 °C). Therefore, the results are consistent with the extent of
membrane compression being largely affected by the hydraulic pressure in the tested
temperature range.

In Fig. 10 (membrane A), the flux did not change greatly between the two tests (there were
4 experiments: 2 repeats of each experiment), although there was the flux decline during the
experiment. However, as shown in Fig. 13 for membrane B, permanent flux loss of more than
25% was observed. These results suggest membrane A was able to recover to its initial flux
performance upon rest, while for membrane B there was irreversible flux loss. The
recoverability of membrane flux may be related to the membrane structure, with the lower
permeability and higher tortuosity membrane showing better recoverability. However,
further research is required to understand this phenomenon.
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Fig.13 Experiments repeated at different velocities
(membrane B: feed temperature = 60 + 2 °C, membrane length = 25 cm, vacuum pressure = 3
+ 1 kPa absolute)

5. Conclusion

Six different modules were fabricated for the VMD experiments. The performances of the
modules with different packing densities showed similar results in flux at different
temperature and feed velocities. However, the shorter module showed higher flux and global
mass transfer coefficient than that of the longer module.

A method for measuring the compressibility of the hollow fibre membrane was developed.
The compressibility test demonstrated that for pressure >20 kPa applied on the membrane
surface led to compression of the membranes. The flux decay in this study was considered to
be caused by gradual compression of the membrane. This phenomenon should be noted in
further studies of VMD, since the pressure difference across the membrane is in general
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greater than 100 kPa and the porosity of the membranes is high resulting in reduced
mechanical strength.

The recoverability of membranes A and B after compression varied, possibly due to
differences in the pore structure. Membrane A that had the lower gas permeability and higher
tortuosity appeared to fully recover after relaxation overnight, while membrane B suffered
some permanent flux loss. This should also be noted, since it may be confused with
permanent flux loss due to the fouling.

It was found that increased flux at higher velocity was largely due to the increased average
feed temperature rather than reduced temperature polarisation.

A shorter module with high packing density is suggested to obtain a high yield per unit
volume based on this study of hollow fibre VMD.

If the single pass recovery is important, using a slow velocity rather than a very long
membrane to get a longer residency time may be a better choice, based on the influence of
stream velocity and membrane length on the thermal efficiency.
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Nomenclature

A Membrane area (m?)
C, Heat capacity (J/mol.K)
F Volumetric flow rate (m’/s)
Kn Knudsen number
/ Molecular path (pm)
A Thermal conductivity (W/m)
M Molecular weight (g/mol)
P Pressure (Pa)
R Gas constant (J/mol.K)
Re Reynolds number
T Temperature (K)
v Linear velocity (m/s)
Ortransfer absolute overall heat transfer (W)
i, To Inner and outer radius of the hollow fibre membrane (m)
Subscript
1 Feed interface
f Feed
h Hot side
fi Feed inlet
f Feed outlet
mean Average from the fibre inlet to outlet
shell Shell side
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